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Abstract

Title of Dissertation: Modeling and Control of Continuous
Free Radical Polymerization Reactors

Kee Jeong Kim, Doctor of Philosophy, 1991

Dissertation Directed by: Prof. Kyu Yong Choi
Associate Professor
Department of Chemical Engineering
University of Maryland, College Park, MD.

Nonlinear dynamics of continuous stirred tank reactors for free radical
polymerization of styrene have been studied with complex initiator systems
such as a binary mixture of monofunctional initiators and bifunctional initia-
tors. The regions of reactor operating conditions which give rise to steady state
multiplicity, multiple Hopf bifurcation points, isolas, period doubling bifurca-
tions leading to period-doubling cascades and homoclinics have been identified.
The parametric sensitivity of the reactor has also been investigated during the
start-up and the steady state operations. Emphasis of the reactor analysis has
been placed on the elucidation of the effect of initiator characteristics on the
reactor dynamics and resulting polymer molecular weight properties. It has
been observed that the presence of more than one monofunctional initiators or

dual initiator functionalities makes the reactor dynamics more complex than



a single monofunctional initiator. When the heat transfer coefficient of the
reactor wall changes during the polymerization because of viscosity increase,
the reactor exhibited simpler dynamic behavior than the case of constant heat
heat transfer coeflicient. The presence of reactive impurities such as inhibitors
in the feed steams also influenced reactor dynamics significantly, depending
on their reactivities and concentrations.

A two-time scale extended Kalman filter has been used for on-line es-
timation and control of polymer molecular weight in continuous and batch
polymerization reactors. The effects of model uncertainty and measurement
time delay on the filter performance have been investigated through numerical
simulations. In the presence of moderate model errors and unknown process
disturbances in the continuous polymerization process, the filter showed robust
estimation performance in predicting the polymer molecular weight properties
when frequent molecular weight measurements are provided. It has been il-
lustrated that the polymer grade change policy can be obtained effectively by
using the filter and the steady state process model in the continuous process.
The overall filter performance in the batch process was quite similar to that
of the continuous process. With rélatively large model errors or long measure-
ment time delays, the filter converges slowly. Since the batch processes are
operated in finite reaction time, more frequent molecular weight measurements

than in continuous processes are required for fast filter convergence.
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Chapter 1

Introduction

Many polymeric materials are manufactured by batch, semibatch and
continuous polymerization processes. Although numerous polymeric materi-
als have been produced for years, diversified enduse requirement and fierce
price competition have been forcing the polymerization industry to develop
more efficient polymerization methods. In particular, a precise control of poly-
mer properties has become one of the most important objectives in operating
modern industrial polymerization processes. Safe operation is another impor-
tant factor to be considered. Some of these objectives have been accomplished
by introducing new catalyst or initiator systems and improved reactor design

and reactor control systems [Leaversuch (1986)].

Since many important polymer properties such as molecular weight and

molecular weight distribution are complex functions of reactor variables, a



thorough understanding of the polymerization kinetics and reactor behavior
is essential for the control of such polymer properties. One of the key problems
in controlling the polymer properties is the lack of adequate on-line property
sensors. Without rapid and accurate on-line sensors, a direct control of the
polymer properties is not possible. Therefore, polymer properties are often
controlled indirectly by controlling the primary reactor variables such as tem-
perature, pressure and flow rate of various reactants, solvents and catalysts.
When deviations in polymer properties are detected through, for example, lab-
oratory sample analysis, some reactor variables need to be adjusted. Such an
indirect control method requires reactor operators extensive plant experience

and prescient ability to make necessary adjustments.

One alternative to the direct on-line measurement of polymer properties
is to utilize a process model and state estimation technique to predict the
polymer properties. In order to use process models for reactor controls, a
quantitative understanding of the polymerization kinetics and reactor dynam-

ics 1s a prerequisite.
The research objectives of this thesis are:
(1) to elucidate steady state and dynamic behavior of continuous polymer-
ization reactors for free radical polymerization of styrene

(i1) to develop a state estimation technique for on-line control of polymer

properties and to evaluate its performance in realistic process environ-



ments.

The polymerization systems considered in this study are free radical poly-
merizations of styrene and methyl methacrylate (MMA) with various initiator
systems such as single monofunctional initiators, binary mixture of monofunc-
tional initiators and bifunctional initiators, which are commonly used in the
polymer industry. It must be pointed out that the methodology developed
in this work for the on-line control of polymer properties in polymerization

processes can also be applied to other reaction systems.

This thesis consists of two parts: (i) modeling and analysis of continuous
polymerization reactors (Chapters 2, 3, and 4), (ii) on-line estimation and

control in continuous and batch polymerization processes (Chapters 5 and 6).

In Chapter 2, a dynamic model is developed for styrene free radical poly-
merizations with a binary mixture of two monofunctional initiators in a cas-
cade of two continuous stirred tank reactors (CSTR). For each reactor, steady
state and dynamic behavior is investigated us‘ing a bifurcation analysis package
AUTO and numerical model simulations. For bifunctional initiator systems
in styrene polymerization, both kinetic models and continuous reactor models
are developed in Chapter 3. In particular, the effect of bifunctional initiators
on resulting polymer molecular weight is discussed and compared with other
initiator systems. Other important factors to be considered in operating and

controlling the industrial polymerization processes (e.g., decrease in heat re-



moval efficiency during polymerization and the presence of reactive impurities
in the feed) are analyzed in Chapter 4.

The on-line estimation and control of polymer properties in various poly-
merization processes is discussed in Chapter 5 and 6. In Chapter 5, a two-time
scale extended Kalman filter with delayed measurements of polymer molec-
ular weight 1s applied to a CSTR for styrene polymerization initiated by a
binary initiator system. Through numerical simulations, the performance of
the filter in the presence of model errors and measurement delays is eval-
uated at various reactor operating conditions. On-line control of polymer
properties is also attempted by incorporating the estimator into a closed loop
polymer property control system. In Chapter 6, the performance of the es-
timation algorithm developed in the previous chapter is tested in a batch
reactor for methyl methacrylate polymerization initiated by azobisisobuty-
ronitrile (AIBN). Through numerical simulations for a pilot and an industrial
scale batch reactors, the effect of the reactor scale-up on the design of reactor
control systems is also discussed.

Chapter 7 is a summary of this work. A few recommendations for future

research are also provided in this chapter.



Chapter 2

Dynamics of Continuous Styrene
Polymerization Reactors with

a Binary Initiator System

2.1. Introduction

Continuous styrene polymerization processes have been in commercial
use for years. Continuous stirred tank reactors (CSTR) are widely used in
such processes due to uniformity of reactor contents which results in casy
control and close reproduction of operating conditiéns. However, inherent
p;oblems of the reactor such as protracted feed blending time, segregation,
short circuiting and stagnation become more pronounced at higher monomer

conversion and have limited their applications to early stages in the continu-



ous polymerization process. As monomer conversion increases, heat transfer
and mixing become less efficient due to increasing viscosity of the reaction
mixture. Using specially designed agitators such as anchor or helical agita-
tors, the aforementioned drawbacks can be circumvented and CSTR’s can be
used for high conversion polymerizations [Uhl and Voznick (1960), Coyle et
al. (1970), Gawne and Ouwerkerk (1977), Weber (1977)]. In many industrial
continuous polymerization processes, more than one reactor is used. For ex-
ample, in bulk or low solvent styrene polymerization, a CSTR is often used
to prepolymerize the monomer to about 30~40 % conversion and the reac-
tion is completed in a specially designed second stage reactor. [Bronstert et
al. (1972), Carter and Simon (1975), Gawne and Ouwerkerk (1977, Mott
and Kozakiewicz (1980)]. High impact polystyrene (HIPS) processes usually
employ at least two reactors in series in order to handle the highly viscous
polymerizing mass and to produce polymers of desired properties (e.g., molec-
ular weight, rubber morphology, etc.). In such processes, specially designed
impellers are used to insure good mixing of viscous mass and thereby achieve

high monomer conversion at high temperatures.

Industrial free radical styrene polymerization processes employ a variety
of complex initiator syétems. such as mixtures of monofunctional initiators
or multifunctional initiators, to produce polymers of various grades at in-
termediate reaction temperature (e.g., 100~160 °C) [Glick (1950), Shusman

(1950,1953), D’Alelio (1953), Kamath and Harpell (1978), Kamath (1981)].



When a mixture of monofunctional initiators possessing considerably different
thermal stabilities is used, it is quite possible to reduce reaction time and to
increase both the monomer conversion and the polymer molecular weight si-
multaneously through optimal control of the reactor. In a multi-stage CSTR
system in which mixed initiators are employed, the temperature can be con-
trolled differently in each stage for better control of the reaction rate and
resulting polymer properties. One can also vary the initiator feed composition
to improve the reactor performance. Thus, the use of such complex initiator
systems enables a polymer reactor engineer to improve the performance of the

polymerization reactor without major process equipment changes.

Free radical polymerization of vinyl monomers carried out in CSTR’s may
exhibit complex steady state and dynamic behavior such as multiple steady
states and nonlinear oscillations for certain operating conditions. Such be-
havior has been observed for both isothermal and nonisothermal operating
conditions in various polymerization processes including bulk, solution and
emulsion polymerizations. An understanding of such nonlinear reactor be-
havior is important for the design of reactor control systems for producing
the polymers of desired properties with maximum productivity. Many papers
have been published on the dynamics of continuous polymerization reactor
systems in the literature. However, little has been reported on the behavior
of polymerization reactors when initiators other than single monofunctional

1nitiators are used.



In this chapter, the dynamic behavior of a single CSTR and of two CSTR’s
in series will be investigated for free radical solution polymerization of styrene
with a mixture of two initiators having different thermal decomposition rate
constants. The emphasis will be placed on the analysis of the effects of vari-
ous reactor operating conditions on the global reactor behavior and resulting

polymer properties.

2.2. Literature Survey

It is well known that continuous chemical reactors can exhibit exotic dy-
namic behavior (e.g., steady state multiplicity and autonomous oscillations).
Such phenomena are caused by inherent nonlinearities, the most common of
which is the Arrhenius temperature dependence of the reaction rate. For ex-
ample, a first order irreversible exothermic reaction in a nonisothermal CSTR
may show a strong parametric sensitivity for a small change in its operating
or design parameters. There has been a large number of publications on this
subject, notably by Schmitz (1975), Bailey (1977), Ray (1977), Varma and
Aris (1977), Pismen (1980), Luss (1981), Balakotaiah and Luss (1986), and
Razon and Schmitz (1986). Various multiplicity patterns of steady state pro-
files reported include S shape, inverse S shape, isolas, mushrooms and their
combinations. Periodic bifurcations observed include Hopf bifurcation, homo-

clinics (infinite period or saddle-node), limit cycles, period doubling and cas-



cade of period doubling leading to aperiodic oscillations (chaos). The chaotic
behavior in chemical reaction systems, which is indicated by the presence of a
well defined attractor shaped by folding and stretching intricacy of strips, has
been reviewed recently by Hudson and Réssler (1986), Gurel and Gurel (1986)
and Doherty and Ottino (1988). The occurrence of such nonlinear dynamics
in continuous chemical reactors can have important implications in the design
and control of reactors and thus it is important to understand when and how
such nonlinear dynamic phenomena would occur for a given reactor system.
Since the early studies of steady state multiplicity and stability of a CSTR
by Van Herdeen (1953) and Bilous and Amundson (1955), systematic efforts
to understand, analyze and exploit the reactor behavior have made by many

workers through a detailed numerical or experimental methods.

2.2.1. Dynamics of a Single CSTR

The simplest lumped parameter system that has been studied most exten-
sively is a single homogeneous exothermic reaction in a nonisothermal CSTR.

In the following, we shall provide a brief literature survey on this issue.



2.2.1.1. Steady State Multiplicity and Stability

The first observation of multiple steady states in a continuous chemical
reactor was reported by Liljenroth (1918). He found that such multiplicity is
caused by the interaction between the external heat transfer resistance and
the rate of heat generation by the chemical reaction. However, his report
along with a few other pioneering analyses of steady state multiplicity were

not recognized until exhumed recently by Schmitz (1975) and Luss (1981).

After Van Herdeen (1953) proposed a simple graphical method to analyze
reactor stability using heat generation and removal curves (now known as Van
Herdeen diagram), many theoretical and experimental studies have followed.
A rigorous analysis of the local stability was first reported by Bilous and
Amundson (1955) using Liapunov’s first method (perturbation method) and
the frequency 'response method. They utilized the phase plane diagrams to
illustrate how the reactor can be reached to its steady state from various
initial conditions. They extended their analysis of the open loop system to
the closed loop system with feedback controllers [Aris and Amundson (1957,

1959), Nemanic et al. (1959), Schmitz and Amundson (1963)].

Computational methods used for the stability analysis include: Lia-
punov’s direct method [Warden et al. (1964), Berger and Perlmutter (1964a,
1964b, 1965a), Luecke and McGire (1965), Berger and Lapidus (1968), Mau-

ren and Garlid (1968)]; the root locus method [Luyben (1974)]; the reverse

10



time integral method [Pellegrim (1988)]. A variety of multiplicity analysis
technique have also been applied to more complex systems such as two phase
reaction systems [Schmitz and Amundson (1963), Luyben (1964)] and systems

of imperfect mixing [Yang et al. (1974), Puhl and Nicolis (1986)].

There are many experimental evidences of multiple steady states. For
example, Furusawa et al. (1969) observed up to two stable (upper and lower)
steady states in a nonadiabatic CSTR for hydration of propylene oxide. Sta-
bilization of unstable steady state was also studied using feedback controllers
by Chang and Schmitz (1975). A review of experimental studies of nonlinear

reactor dynamics can be found in Schmitz (1975).

2.2.1.2. Oscillatory Behavior

The occurrence of self-sustained oscillatory behavior in a continuous re-
actor was pointed out by Bilous and Amundson (1955) using the Van Herdeen
diagram and the linear stability analysis. The emergence of oscillatory dy-
namics was observed when the heat removal curve cross the inflection point of
the heat generation curve where the characteristic equation has purely imagi-
nary eigenvalues. Aris and Amundson (1958) observed the emergence of limit
cycles in a CSTR with a proportional feedback controller, even though these
oscillations were not self-sustained. They also found that the bifurcation of
limit cycles may occur at the critical value of a bifurcation parameter in which

the steady state loses its stability.
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Poincaré bifurcation theory and several other mathematical tools have
been used in the study of oscillatory behavior. They include Liapunov’s di-
rect method [Warden et al. (1964), Leathrum, et al. (1964)]; the averaging
technique [Luss and Lapidus (1966, 1967)] to predict the existence and sta-
bility of limit cycles; perturbation technique [Douglas and Gaitonde (1967),
Dorawala and Douglas (1971), Heberling et al. (1971), Cohen and Keener
(1976)] to predict the form of limit cycles; Fourier expansion [Beek (1972) and
Hyun and Aris (1972)] to determine the stability of limit cycles. These theo-
retical studies have been verified experimentally in various chemical reaction
systems by many researchers [Hugo and Wirges (1978), Schmitz et al. {1979),

Stoukides et al. (1982), Gray et al. (1984), Vleeschhouwer et ol (1988)].

An extensive analysis of reactor dynamics and oscillatory behavior reactor
has b‘een further carried out by Uppal et al. (1974, 1976). They analyzed the
local bifurcation phenomena and derived analytical formulae to predict the
existence and direction of bifurcation points to periodic solutions and their
stabilities using Friedrichs Hopf bifurcation theory [Poor (1973, 1976)]. Such
local bifurcation analysis of limit cycles was further extended to the global
bifurcation analysis by Keener (1981). He found the occurrence of an infinite
period bifurcation (homoclinic orbit) when the branches of periodic solutions
are terminated and showed how to find the entire branch of periodic solutions
including the points of Hopf bifurcation and infinite period bifurcation using

the perturbation method.
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When the reaction is highly exothermic, the oscillatory behavior of the
reactor can be significantly influenced by solid materials (extraneous thermal
capacitance) such as the reactor walls, stirring devices, baffles or packings
which interact the reacting fluid via storage and transfer of heat [Chang and
Schmitz (1975) and Schmitz et al. (1979)]. Using the Lewis number, which
is the ratio of intrinsic thermal time constant to intrinsic material time con-
stant, Ray and Hastings (1980) investigated the effect of extraneous thermal
capacitance on the dynamic behavior of such reactor systems. The effect of
extraneous thermal capacitance on the reactor dynamics has also been studied
by Planeaux and Jensen (1986) who included the energy balance equation for
the solid phase. Using the normal form theory, they observed other types of
bifurcations to invariant tori, isolas of periodic branches. They also found four
Hopf points and multiple stable periodic orbits, which are not observed in a
two dimensional system without the solid phase energy balance.

When the dynamic process model consists of more than two O.D.E’s, bi-
furcation analysis for complex nonlinear dynamical systems can be carried out
using numerical methods. A number of general purpose bifurcation analysis
packages are now available. For example, AUTO [Doedel (1981)], DERPAR

[Kubicek and Marek (1983)] and BIFOR2 [Hassard et al. (1981)] have been

used widely in many different fields.
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2.2.1.3. Parametric Studies

Following a plethora of reports concerning the existence and stability of
multiple steady states and limit cycles, reactor dynamic studies have been
focused on the systematic search of the reactor behavior in the operating
parameter space. Such parametric study of steady state multiplicity was first
reported by Halvacek et al. (1970). They derived a criterion for the existence
of multiplicity using a steady state manifold and observed four different types
of steady state solutions (i.e., unique, S, unique-isola and mushroom) with

several operating parameters as bifurcation parameters.

Uppal et al. (1974,1976) classified all possible reactor dynamic behav-
ior including steady state multiplicity, limit cycles and their stabilities in an
operating parameter space. They identified nine different regions of dynamic
behavior for a simple first order irreversible reaction in a nonisothermal CSTR.
Later they found up to seventeen different regions with five different steady
state structures (i.e., unique, S, unique-isola, S-isola and mushroom) with a
residence time as a bifurcation parameter. Other workers reported similar
analysis [ Kauschus et al. (1978), Huang and Varma (1980), William and Calo
(1981), Kwang and Tsotsis (1983)]. Such parametric analyses have been ap-
plied to more complex systems such as higher order single reaction in a CSTR
[Vaganov et al. (1978), Schmitz et al. (1979)] and autocatalytic reactions in

an isothermal CSTR [Gray and Scott (1983)]. In particular, the sufficient con-
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ditions for the existence of steady state multiplicity and uniqueness criteria
for various single reaction systems have been derived [Bosch and Luss (1977a,
197b), Tsotsis and Schmitz (1979), Leib and Luss (1979)]. Calo and Chang
(1979, 1980) developed a generalized technique for the exact determination of
multidimensional regions of unique and multiple steady states via the catas-
trophe theory and showed successful applications of this technique to various
reaction systems.

A computational procedure for the parametric classification of steady
state multiplicity was developed by Balakotaiah and Luss (1981, 1982a) us-
ing the singularity theory [Golubitsky and Schaeffer (1979), Golubitsky and
Keyfitz (1980, 1985)]. For the simplest reaction system, they identified six dif-
ferent steady state multiplicity patterns (i.e., S, inverse S, isola, mushroom,
S-isola and inverse S-isola) formed by the hysteresis and isola varieties in a

parameter space and also found the winged-cusp point.
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2.2.2. Dynamics of Complex Chemical Reaction Systems

When several reactions occur simultaneously in a CSTR, or when more
than one reactor is used even for a single reaction, the resulting reactor dy-
namics become quite complex. In the following, a brief literature review on

this issue is presented.

2.2.2.1. Multiple Reactions in a CSTR

For a CSTR in which two consecutive first order exothermic reactions
occur, Bilous and Amundson (1953) was the first to point out the presence
of up to five steady states. Similar observations have been reported by West-
erterp (1962) and Sabo and Dranoff (1970). Hlavéacek et al. (1972) derived
a multiplicity criterion for a two exothermic consecutive reaction system and
his techniques for finding the sufficient conditions for multiplicity have been
applied to a CSTR in which either two parallel or two consecutive reactions
of the first order exothermic or endothermic occur [Luss and Chen (1975),
Michelson (1977), Pikos and Luss (1979)]. These studies showed the exis-
tence of up to five steady states when both reactions are exothermic or when
only one is exothermic. Multiple steady states were also found even for two
endothermic reactions in a CSTR.

By utilizing the elementary catastrophy theory and the singularity theory,
Balakotaiah and Luss (1982b, 1982c, 1982d, 1983, 1984) conducted a paramet-

ric analysis of multiplicity in two different ways: mapping of parameter regions
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with different number of steady state solutions and mapping of parameter re-
gions with different bifurcation diagrams (multiplicity patterns). In two con-
secutive exothermic reactions, they observed the existence of up to five steady
states and identified five distinctive regions of multiplicity patterns near the
butterfly singularity point which was obtained with the hysteresis and double
limit varieties. With the reactor residence time as an independent variable,
they identified 36 bifurcation diagrams around the highest order singularity (a
higher order pitfork) in the regions of feasible parameters and 12 other bifur-
cation diagrams in other parts of parameter spaces. They also found that in a
CSTR with N parallel reactions there exist N! distinct regions of parameters

in each of which 2V + 1 steady states exist.

The steady state multiplicity for N dimensional system has also been
investigated by Retzloff and coworkers [Chicone and Retzloff (1982), Retzloff
et al. (1987a), Berdonzi et al. (1989)]. They found that maximum number of
multiple steady states is 2%V —1 for N —1 consecutive reactions in a CSTR. This
maximum multiplicity criterion has been used to identify steady states in very
tiny parameter regions for two consecutive reactions in a CSTR [Jorgensen
et al. (1984), Farr and Aris (1986), and Starzak and Zarzycki (1989)]. The
multiplicity pattern search was also extended to the classification of bifurcation
diagrams including periodic solution branches [Byeon and Chung (1889)]. In
a CSTR where two consecutive reactions occur, they identified 34 bifurcation

diagrams including multiple Hopf bifurcation points that were also found by



Doedel and Heinemann (1983) and Planeaux and Jensen (1986).

Note that all of the multiplicity criteria reviewed above have been derived
from a steady state manifold which is a reduced model equation containing
the minimum number of intrinsic state variables. When the reaction system
1s too complicated to be reduced to a steady state manifold, these techniques
for multiplicity analysis are not directly applicable. For such complex reac-
tion systems, several different approaches to multiplicity analysis have been
reported. Lyberatos et al. (1984) derived the multiplicity criteria with the
Newton polyhedron method which does not require the reduction of the par-
tial derivatives of the modeling equations or the selection of a bifurcation
parameter. Balakotaiah et al. (1985) used the Liapunov-Schmidt method to
reduce the dimension of the modeling equations before deriving multiplicity
criteria with the elementary catastrophe theory. Besides direct derivations
of multiplicity criteria, indirect methods of determining the multiplicity of
complex reaction networks in an isothermal CSTR have been developed using
the deficiency zero theorem and the deficiency one theorem [Feinberg (1987,

1988), Leib et al. (1988), Rumschitzki and Feinberg (1988)].

In three or higher order dimensional systems, an increase in the num-
ber of potential bifurcation parameters leads to a sequence of period-doubling
bifurcations (Feigenbaum sequence), beyond which the attractor changes its
character and becomes chaos. Through numerical studies, high order bifurca-

tion and chaotic behavior has been observed in a CSTR where various multiple
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reactions occur: two consecutive reactions [Kahlert et al. (1981), Jorgensen
and Aris (1983)], two parallel reactions [Chan et al. (1987)], isothermal auto-
catalytic reactions [Gray and Scott (1985)], and three simultaneous reactions
[Hudson et al. (1986), Retzloff et al. (1987b)]. By imposing periodic forcing
on the reactor where a single reaction occurs, complex bifurcations have also
been found [Mankin and Hudson (1984), Lyberatos et al. (1985), McKarnin
et al. (1988), Shanks and Bailey (1989)]. Through extensive experiments of
Belousov-Zhabontinskii reaction in a CSTR, Hudson and coworkers have con-
firmed the presence of high order bifurcations and chaos [Hudson et al. (1979,

1982), Hudson and Mankin (1981, 1982), Lamba and Hudson (1985, 1987)].

2.2.2.2. Cascade of Multiple CSTR’s

Since Berger and Perlmutter (1965b) analyzed stability of N-stage cas-
caded CSTR’s using Liapunov’s direct method, a few studies of the dynamic
behavior of multiple CSTR’s have been reported. Even before any theoretical
studies of steady state multiplicity for such reactor systems were reported,
Horak et al. (1971) observed experimentally the existence of up to three
stable steady states of the second reactor for autocatalytic reaction of bis-
trichloromethy trisulphide in an array of two CSTR’s. Varma (1980) showed
that a sequence of N CSTR’s can have up to 2V — 1 steady states, of which

only N + 1 are stable.

Kibicek et al. (1980) classified parameter regions where different number
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of steady states exists in the CSTR with a recycle stream to the first reac-
tor. They found that the second reactor can have up to five steady states
and two of them are unstable. With various bifurcation parameters, they
observed double isolas and isola-mushroom. For the two cascaded CSTR'’s
without recycle, Svoronos et al. (1982) found up to seven steady states in the
second reactor. They also identified 22 distinct multiplicity patterns of the
second reactor and classified regions of these multiplicity patterns in a param-
eter space by extending Uppal et al.’s works (1974, 1976). The multiplicity
patterns in multiple reactor systems were also further studied by Dangelmayr
and Stewart (1984) using the singularity theory and the catastrophe theory.
The occurrence of high order periodic bifurcations and chaos in this reactor

system was reported by Mankin and Hudson (1986).

20



2.2.3. Dynamics of Continuous Polymerization Reactors

Continuous free radical polymerization reactors can also show complex
dynamic behavior due to a huge release of reaction heat and poor heat transfer.
In high conversion free radical polymerization, termination reactions involv-
ing polymeric radicals becomes diffusion controlled due to increasing viscosity
of the reacting fluid and as a result, the reaction rate accelerates even under
isothermal conditions. This phenomenon is referred as the gel effect [Tromms-
dorff et al. (1948)]. Earlier studies on the dynamics of such reactors were

reviewed by Imoto (1972) and Ray (1981, 1983).

Continuous polymerization reactor models, in general, can be divided into
two subsystems. The first subsystem consists of mass and energy balances
and the second subsystem consists of molecular weight moment equations to
calculate polymer molecular weight (MW) and molecular weight distribution
(MWD). If the polymer properties do not influence the first subsystem vari-
ables, the reactor model can be decoupled and the reactor behavior can be

analyzed using only the first subsystem of the model.

Earlier studies of continuous polymerization reactors, initiated by Den-
bigh (1947), have placed emphasis on the development of the second subsystem
model for the prediction of polymer properties under isothermal conditions.
Denbigh developed various reactor models for homogeneous free radical poly-

merization where spontaneous initiation, propagation and combination termi-
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nation were considered. He calculated MWD by a stepwise algebraic substi-
tution technique. He also found that a CSTR can yield polymers of narrower
MWD than a batch reactor. The detailed second subsystem models for homo-
and copolymerizations in multiple CSTR’s were derived by Amundson and
coworkers [Liu and Amundson (1961), Zeman and Amundson (1963, 1963)].
They included all possible chain termination mechanisms such as combina-
tion, disproportionation and spontaneous termination into the model. They ‘
also developed both exact and approximate (by Taylor expansion) methods for
the calculation of MWD from more than 100 nonlinear differential equations of
live and dead polymers, which require extensive computation for the explicit
MWD. A more efficient calculation method for polymer properties has been
developed using moments of live and dead polymers [Ray (1969), Cozewith

(1971))].

Continuous polymerization reactor models have been further developed
by including chain initiation reactions by initiators [Biesenberger and Tad-
mor (1965)], the gel effect [Hui and Hamielec (1968, 1969)], chain branch-
ing by terminal double bond polymerization [Nagarubramanian and Grassley
(1970, 1972), Hyun et ol. (1976), Chatterjee et al. (1977), Taylor and Reichert
(1985)], imperfect mixing [Tadmor and Biesenberger (1966), Corrigan and
Dean (1968), O'Driscoll and Knorr (1969), Mecklenburgh (1970), Nauman
(1974), Georgakis and Marini (1981)], volume contraction during polymer-

ization [Schmidt and Ray (1981)], extraneous thermal capacitance [Schmidt
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et al. (1984), Teymour and Ray (1989)], and viscosity-dependent heat trans-
fer coefficient [Henderéon (1987)]. The effect of periodic reactor operations
on the MWD during steady state reactor operation has also been investi-
gated [Laurence and Vasudevan (1968), Ray (1968), Spitz, et al. (1976), Meira
(1981)]. These mathematical models capable of predicting the polymer molec-
ular weight properties have been validated experimentally for bulk and solu-
tion polymerizations of styrene in CSTR’s [Duerksen et al. (1967), Duerksen
and Hamielec (1968)] and methyl methacrylate (MMA) [Terenzi and Cosway
(1969)]. Ray (1972) summarized detailed mathematical techniques for the

calculations of polymer properties.

The presence of multiple steady states in continuous free radical poly-
merization reactors was first reported by Hoftyzer and Zwietering (1961). For
ethylene polymerization in a nonisothermal CSTR under high pressure, their
model prediction shows that as many as five steady states are possible and
stable limit cycles may arise at some operating conditions. The presence
of five steady states in a continuous polymerization reactor was also found
by Amundson and coworkers [Warden and Amundson (1962), Goldstein and
Amundson (1965)]. They analyzed steady state multiplicity and stability of
the reactor with a generalized free radical polymerization model by extend-
ing their earlier studies for classical chemical reactors (§2.2.1.1). For styrene
thermal polymerization in a CSTR, Wittimer et al. (1965) observed multiple

steady states and stable limit cycles with a simple empirical model. These
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earlier dynamic studies were not confirmed experimentally and their model

did not include the gel effect.

Knorr and O’Driscoll (1970) point out the possibility of multiple steady
states caused by the gel effect for styrene polymerization in an isothermal
CSTR. The effects of various gel effect correlations on the reactor dynamics
for MMA solution polymerization in an isothermal CSTR, were discussed by
Schmidt and Ray (1981). The presence of multiple steady states in an isother-
mal CSTR has been observed experimentally for homogeneous polymerization
of MMA [Schmidt and Ray (1981), Carratt et al. (1984)] and styrene [Ger-
rens et al. (1971), Chen et al. (1980a, 1980b, 1982)] and copolymerization of
styrene-acrylonitile (SAN) [Balaraman et al. (1982)].

Recently, Henderson (1987) and Herderson and Cornejo (1989) reported
and analysis of continuous polymerization reactors where the viscosity of re-
acting fluid increases by many orders of magnitude and the inside film heat
transfer coeflicient decreases significantly as monomer conversion increases.
For styrene thermal polymerization reactors equipped with various cooling
devices, they showed the effect of viscosity dependent heat transfer coeffi-
cient on the steady state behavior. They showed that the reactor with a
turbine impeller may exceed its design limit at some operating conditions and
may exhibit thermal runaway due to poor mixing and heat removal. Shastry
and Fan's work (1973) is the unique report on the dynamic behavior in two

CSTR'’s with a recycle. They analyzed the stability of each reactor for homo-
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and copolymerization processes using Liapunov’s direct method.

The first systematic analysis of the dynamic behavior of continuous poly-
merization reactors was carried out by Jasinghani and Ray (1977). They
observed S-shaped steady state multiplicity and the regions that give rise to
unstable limit cycles with Damkohler number as a bifurcation parameter for
styrene and MMA bulk polymerizations in a CSTR. They identified the re-
gions of three different types of dynamic behavior in operating parameter space
using Uppal et al.’s method (§2.2.1.3). For solution homo- and copolymeriza-
tion of MMA and vinyl acetate (VA) in a CSTR, the dynamic behavior of the
reactor was studied by Hamer et al. (1984) using Hassard’s program (1979).
They showed that up to six different dynamic behavior can be observed in
the reactor. Schmidt et al. (19845 observed the presence of isola with the
reactor residence time as a bifurcation parameter through model simulations
and experiments for MMA solution polymerization in a nonisothermal CSTR.
Their model simulations also showed that up to five steady states are observ-
able at some operating conditions and a small variation in some operating
conditions can have an enormous effect on the steady state behavior of the
reactor. Such parametric sensitivity has also been observed by many workers
[Volter et al. (1966), Brooks (1979, 1981), Thiele (1984, 1986)]. For MMA
solution polymerization with high solvent volume fraction and excess feed of
initiators in a CSTR, Choi (1986) provided analytical criteria to classify mul-

tiplicity patterns with a reduced reactor model, using the singularity theory.
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He identified five distinct parameter regions of steady states with the reactor
residence time as a bifurcation parameter. He also shows the effect of reactor
dynamics on the polymer properties by calculating the number average chain
length (NACL) from the first subsystem variables. Adebekun et al. (1988,
1989) further studied the influence of reactor dynamics on NACL and MWD.
They also observed the existence of multiple isolas and unusual multiplicity
features such as the isola-tuck, which arises from a shift in the isola origin
leading to a region of five steady states, through extensive model simulation
of MMA solution polymerization in a CSTR.

Teymour and Ray (1989) observed experimentally the presence of limit
cycles in a CSTR for VA solution polymerization. Using AUTO, they ana-
lyzed various bifurcation behavior of periodic solutions with the first subsys-
tem model which was derived from the volume balance of each component.
Validation in fluid density was carried out in their modeling. It should be
noted that all other previous reactor models were developed from mass or
mole balance of each component. Teymour and Ray (1988) also investigated
higher order bifurcation of periodic solutions and chaos in a rescaled param-
eter space. One of the common features of these dynamic studies is that
only single monofunctional initiators such as azobisisobutyronitrile (AIBN) or
benzoyl peroxide (BPO) have been considered.

Finally, it should be mentioned that CSTR's for other polymerization sys-

tems such as free radical emulsion polymerization and olefin polymerization
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with transition metal catalysts may also exhibits similar nonlinear dynamic
behavior. For emulsion polymerization in a CSTR, the steady state multi-
plicity and oscillatory phenomena have been analyzed by Kirillov and Ray
(1978), Rawlings and Ray (1987a, 1987b), Schork and Ray (1987), Penlidis et
al. (1989) and Lu and Brooks (1989). For continuous olefin polymerization
reactors, Choi and Ray (1985, 1988) observed the presence of multiple steady

states.
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2.3. Modeling of Two CSTR’s in series

2.3.1. Polymerization Kinetics

The binary mixture of monofunctional initiators considered in this study
consists of a slow initiator (initiator A, tert-butyl perbenzoate) and a fast
initiator (initiator B, benzoyl peroxide). The thermal decomposition rate of
the former is much lower than the létter at a given temperature. For exam-
ple, the half-life of tert-butyl perbenzoate at 100 °C is 12.9 hr and that of
benzoyl peroxide is 1 hr. The primary radicals generated by the decomposi-
tion of labile groups in both initiators are assumed to be indistinguishable in
their activities for styrene polymerization. In the kinetic modeling to follow,
the chain transfer to solvent (ethyl benzene), the primary radical termination
and induced decomposition reactions of these initiators are assumed negligi-
ble. At high reaction temperatures (e.g., above 110 °C), thermal initiation
becomes important [Pryor and Coco (1970), Hui and Hamielec (1972)] and
thus is included in the kinetic scheme. If the chain termination is assumed to
occur exclusively by the combination mechanism in styrene polymerization.

the polymerization will proceed as follows:

Initiation by initiators:

I4 — 2R (2.1a)
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ka4

Iy —— 2R (2.1b)
ki
R+M — P (2.1¢)
Thermal initiation:
kap
3M —— 2P, (2.2)
Propagation:
kP

Chain transfer to monomer:
kfm
P,+M —— M, +P (n>1) (2.4)
Termination (combination only):

ki
P,+ Py — Myt (n.m >1) (2.5)

where R is the primary radical, M the monomer, P, the live polymer with
n-repeating units, and M, the dead polymer with n-repeating units. I4 and
Ip are the initiators A and B having different thermal stabilities.

With the kinetic scheme described above, the rate expressions for styrene

polymerization with mixed initiators can be expressed as follows:

dl 4

q = Thaada (2.6)
dIp N
g = hanla (2.7)
dR

= = 2faka,La + fokay Ip) — ki RM (2.8)
dP; \

= 2kay M* + RiRM ~ kyMPy + kg M(P = Py) = kPP (2.9)
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dP,

= kyM(Py_y = P,) — kfmMP, — k,PP,  (n>2) (2.10)

dt’
dM
n—1
dM 1 '
—" = = g n—mPm > 2 2.12
dt' kfmMP, + Zkt 2 P, P, (n22) ( )

where P denotes the total concentration of live polymers.
The key polymer properties of interest are the number average chain

length (X ) and the weight average chain length (X, ), defined by

X,=-+1 "L 2.13
AL+ (2.13)

. /\l +)\d

X, =22 2.14
N Al (2.14)

where Al and A\{ represent the kth moments of live and dead polymer chains,
respectively. The moment equations of live and dead polymers can be derived

from the above rate expressions.

Live polymers:

ANo=pP (2.15)
P
A= — (2.16)
(1+a)
Ay = aoar?t (2.17)

Dead polymers:

dd

. 1
W = P[akme + sk‘tp] (2.18)
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d P ’
dh _ [&(2 = @)k gmM + kP (2.19)

dt T 1-a
d)‘g P ~3 A2 - A .
= = e [(&° —3&° +4a)kgmM + (& + 2)k, P] (2.20)
where
k, M
a = P

RpmM + kpM 4+ kP’

The three leading moments of live polymers are derived by applying the quasi
steady state approximation (QSSA) to active radical species. The polydisper-

sity index (PD) is a measure of molecular weight distribution broadening and

defined by

— X, i
PD = — (2.21)
X,

i

Although the gel effect in styrene polymerization is not as strong as in
other vinyl polymerization such as MMA polymerization, it should be consid-
ered in describing the polymerization kinetics at high conversion or low solvent
volume fraction. In this study, the empirical gel effect correlation suggested by
Hui and Hamielec (1972) for bulk styrene polymerization is used and modified

for solution polymerization according to Hamer et al. (1981):

k 2
g( X1, T) = k—f: = exp[—2(Ar + Ba® 4 Cz®)] (2.22a)

i

where

A=257-505x%x107°T
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B =9.56—1.76 x 107°T (2.220)
C =-3.03+7.85x 107%T
and

r=X:1(1-f). (2.22¢)

X, is the fractional monomer conversion and z the effective monomer con-
version in the presence of solvent with solvent volume fraction of f,. Here,
kf denotes the termination rate constant at zero monomer conversion. Figure
2.1 illustrates the variation in chain termination rate constants predicted by
eq. (2.22) for different temperatures and solvent fractions, respectively. .The
incorporation of the gel effect correlation into the model improves the model

accuracy and increases the model complexity as well.

2.3.2. Reactor Model

For free radical polymerization of styrene with mixed initiators in a cas-
cade of two CSTR’s of constant volume Vi and V, (Figure 2.2), mass and

energy balance equations take the following form:

For the first reactor:

dM,
dt’

Vi = q(Ms;— M) — Vik,(T1 )M Py (2.23)
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Figure 2.1 Gel effect correlations for styrene polymerization.
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Figure 2.2
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Schematic diagram of continuous styrene polymerization re-

actors with mixed initiators.
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, dlas

Vi—= = ayasly = L) = Vika, (T1) L (2.24)
. dlp . ‘
Vi = (L= yan)ly = Ini} = Vikap (1)) I (2.25)
. dTh .
Pcp‘/lﬁ = pCpg(Ty —Th) + Vl("AH)kp(Tl )My Py
—het A (Ty — Tey) (2.26)
For the second reactor:
Va d(‘;\f? = q(M, — My) — Vak,(Ty) My P, (2.27)
. dI .
Va d;Z =q(la1 — Tag) — Voka (T2) 142 (2.28)
. dI .
Vo = q(Ipy = Ip2) = Vaka,y (T) 52 _ (2.29)
dTy ,
PCp%E,“ = pCpq(Th — T2) + Vo(=AH )kp(T2 )M, P
- ]7'02‘4c2(T2 - TCZ) (230)

where ¢ represents the volumetric flow rate of feed and product streams. The
subscript f denotes the feed condition. M; is the monomer concentration in
the ith reactor. I4; and Ig; the concentrations of initiator A and B, and YAf is
the mole fraction of initiator 4 in the initiator mixture. (i.e., yar =1ag/ly).
T; is the reactor temperature, h.; the heat transfer coefficient, 4.; the effective
heat transfer area and T,; the coolant temperature in the ith reactor. Physical
properties of the polymerizing mixture (e.g., p, Cp, (—AH)) are assumed
constant.

By applying the quasi-steady state approximation to live polymeric rad-



icals in each reactor, the total concentration of growing polymers in the :th

reactor (P;) can be derived as follows:

2 5
k;(Ti)gt(XM’Ti)(fA aa (T Lai + FBkay (T)Ipi + kap, (T:)M?)

P;
(2.31)
where f4 and fp represent the efficiencies of the initiators A and B, respec-
tively. Note that perfect backmixing has been assumed in our reactor mod-
eling. As mentioned earlier, the use of specially designed impellers such as
anchor and helical agitators enables one to achieve a uniform mixing, leading
to high monomer conversion (80~85 %) even in a highly viscous polymerizing
medium.

The moment equations for live and dead polymers, which comprise the
second subsystem, are given in Appendix A. By assuming that the chain
life time of each live polymer is much shorter than the mean residence time of
each reactor, the QSSA is applied in deriving the three leading moments of live
polymers. Since the first subsystem is separated from the second subsystem,

the reactor dynamics can be determined with the first subsystem model only.

2.3.3. Dimensionless Reactor Model

The reactor modeling equations (2.23)~(2.31) can be reduced to dimen-

sionless form by using the following dimensionless variables and parameters:
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4Y 7 — I
B My yarly
1— I — Ig; ) T.— T
Xy, = (Y —yas)ly —Ip X, = ’
(1 —yag)ly Ty
=i g EAEM oy T Ty
Z pC, Ty T;
Tay kg, Eiy ¢/
= —. = € = y t = -,
9ei = 9u(X1,4, 1), Da; =07, Day; = vDay, (2.32)
k FE F
(= 4 v === vi= A
Z RT; RT;
_Ew-E __Bu-E __Eu-FE
’70' - RTf Ll ’Yb - RTf Y 7C - RTf 1
o= 216(11»10*]\’15‘i b— 2fAdeoyAfIf
ki ko
. 2fBkag (1 —yagp)ly
ko
where
heide
I = I P 3
5= 1as+ Ipy, o, S
6 = -‘i, v= V—Q
q Wi

[N

Z = kypoexp(—7)|aexp(—~q) + bexp(—7s) + cexp(—7c)] 2.

Note that X, ; and X3 ; represent the fractional conversion of initiators 4 and
B in the ith reactor, respectively. Iy is the total feed concentration of the
initiator mixture, and yas the mole fraction of initiator A in the initiator feed
mixture. v denotes the reactor volume ratio. Using the above dimensionless
variables and parameters, the following dimensionless modeling equations for

the first and the second reactor are obtained:
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Reactor 1:

dXy - - vX41
o= ] — g — 2.33
7 X1,1+ Day(1 X1,1)}1€XP[1+X4‘1} ( )
dX; Yd
A1 , - X —_— 2.34
7 Xo1+ Day((1 2.1)6Xp{ T X“J (2.34)
dXs3 . €Yd
=X D 1-X R 2.35
o 3,1 + Day (n( 3,1)6XP[ T+ Xia (2.35)
dX N dX .
AL ~Xg1+ 81 Xaa + L It ayDay (X4, — 61) (2.36)
dt dt
Reactor 2:
dXi, vX4,2
— = - - hexp | ——— 2.
o X11 = X124+ Dax(1 X1,2)}26>&p[1+X4’2 (2.37)
dXs2 . . ] Yd o
dt = Ag,l — X2’2 + DCLQC(]. ‘Xg}z)e}xpl: 1 + ){4’2] (H38)
d_Y3 2 . . €Yd
2 X, X _ o | 9.
dt ng] X3’2 -I—DCLQC?](:[ X3,2)ekp[ 1 —+—_X'472] ( 39)
dX4 9 ) dXi o
=Xy, - X Xi,—-X :
7t 4,1 4,2+[3( 1,2 11+ 7t )
+ a2Da2(X4’2 — (52) (240)

Y;in egs (2.33)~(2.40) is the dimensionless total concentration of live polymers

in the 7th reactor:

Y, = L (P“') (2.41)
Pr\gui/)

where Py and P, ; represent the total concentrations of live polymers in the

feed and in the 7th reactor, respectively, and they are given by
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=

Py = [aexp(—7a) + bexp(—y) + cexp(—7e)] (2.42a)

P:E.i = a(l — le,-)?’exp [—%—.]
. A4

Vb
B(1 = Xy )exp | — —12—
+ 2 )exp[ 1+-Y4,i]

. Ye
1—- X5, e 2.42b
+ ¢( 3, )exp[ 1+X4,,] (2.42b)

where a; refers to the dimensionless heat transfer coefficient for the zth re-
actor, 8 the dimensionless heat of reaction, and Da; the dimensionless mean
residence time of the ith reactor which can be changed experimentally by

varying the reactant flow rate.

2.4. Dynamics of the First Reactor

In studying the dynamics of the two CSTR’s for styrene polymerization,
one may wish to examine the reactor behavior for various reactor operating
conditions such as reactant flow rate, coolant temperature, feed temperature,
initiator composition, feed initiator concentration, feed monomer concentra-
tion, etc. Due to such a multitude of possible reactor operating parameters
to vary, a complete parametric analysis of the reactor system would be quite
a formidable task. In what follows, however, the analysis will focus mainly
on the effect of initiator feed composition (y45) on the reactor dynamics.

Therefore, the variation of other reactor operating parameters may yield some
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reactor behavior which are not observed in the present study.

Since there are no recycle streams from the second reactor to the first
reactor, the behavior of the first reactor is independent of the behavior of the
second. The numerical values of the kinetic and physical constants and the
standard reactor operating conditions used in the numerical simulations are

listed in Table 2.1.

2.4.1. Steady State and Bifurcation Behavior

At steady state, the LHS of the modeling egs (2.33)~(2.36) vanish and
the modeling equations are combined into a steady state manifold, Fy, by

rearranging the four steady state modeling equations (2.33~2.36):

Fl(Xl,lapl) =0 (243)

where p; is the vector of principal operating and design parameters which

influence the behavior of the first reactor and defined as

D1 = {a7b’caDa1(€)7al7ﬂl(f3)7617y‘4f}- (244)

For given values of the system parameters, the steady state solutions are ob-
tained. by solving the nonlinear steady state equations (2.33)~(2.36). Because

of the high degree of nonlinearity and interaction in the modeling equations,
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Table 2.1 Kinetic and physical constants and the reactor operating condi-

tions for styrene polymerization

For Initiator 4 [slow initiator]: tert-butyl perbenzoate,
kq,=8.439 x 10*%exp(-32,000/RT), sec™* *
f4=0.637 *

For Initiator B [fast initiator]: benzoyl perozide,
kap=1.200 x 10'%exp(-28,690/RT), sec™! {
fB=0.61

kay=2.190 x 10%exp(-27440/RT), (1/mol)?/sec i
kp=1.051 x 107exp(-7,060/RT), 1/mol.sec t
k¥=1.260 x 10%exp(-1,680/RT), 1/mol.sec {
kfm=2.463 x 10°exp(-10,280/RT), 1/mol.sec

(—AH,)=16.24 kcal/mol {
pCp=0.43 keal /I°K {
a1 = agy = 2.146 x 1073 sec™!,

Ty=343 °K, £,=0.1, 1;=0.025 mol/I

* Product Bulletin Peroxiesters (1983)
t Brandrup and Immergut (1989)
1 Hui and Hamielec (1972).
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some care must be taken in obtaining the steady state solutions to ensure that
all feasible solutions are found. In practical situations, one is often interested
in knowing whether the steady state multiplicity pattern and stability prob-
lems may exist for a given set of system parameters. With parameters 61, T,
It and yay held fixed, the diagrams showing the steady state behavior of the
reactor have been constructed by using the computational method suggested
in [Balakotaiah and Luss (1984), Golubitsky and Schaeffer (1979)].

The criteria for the hysteresis variety which defines the parameter space
at which a continuous change of the parameter causes the appearance or dis-

appearance of hysteresis type multiplicity are:

F](}{l,],Dal,Lﬂ) =0 (245)
oFy .
gfi;(—xl,l,Dal,ﬂl) =0 (2.46)
PF
@}T{l(axl,l,l)alvﬂl) =0 (2.47)

where eq (2.45) is obtained from eq (2.43) by fixing a; and other system
parameters. Here Da; (Damkohler number) is chosen as a bifurcation pa-
rameter. Across the hysteresis variety, the number of solutions to the steady
state equations increases or decreases by two. The isola variety is defined as
the parameter space at which the appearance or disappearance of an isolated

branch (isola) occurs. The criteria for the isola variety are given by eqs (2.45),

(2.46) and:
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0F,
0Da1

(X11,Day,p1) = 0. (2.48)

For varying a; values, eqs (2.45)~(2.47) for the hysteresis variety and
eqs (2.45), (2.46) and (2.48) for the isola variety have been solved by using
Brown’s method which solves nonlinear simultaneous algebraic equations by
the modified Newton’s method [Brown (1969)]. Figure 2.3 and 2.4 are the
diagrams showing the steady state reactor behavior in a;- f, plane for different
mole fraction values of initiator A (ya45) in the feed initiator mixture. Note
that there are four unique regions of steady state behavior separated by the

two characteristic curves, I'; and I'y for all cases:

Region I Unique steady state
Region II: Multiple steady state (S-shape curve)
Region III: Isola and unique steady state

Region IV: Isola and multiple steady state (S-shape curve).

The region V (mushroom) reported by Choi (1986) for the AIBN initiator
system 1s not observed with the present initiator system. Here. I'y and [y
represent the hysteresis variety and the isola variety, respectively. For all the
initiator feed compositions studied (7.e., yas = 0.0 ~ 1.0), isolated branches

(isola) [Region III and IV] are observed. Note that the regions IIT and 1V
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Figure 2.3
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Parameter region of each steady state behavior of styrene
polymerization in the first CSTR: Iy= 0.025 mol/l, y4¢ = 0.5,

Ty= 343 °K, T, ;= 363 °K.
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Figure 2.4 Effect of the initiator composition (y4) on the steady state
behavior of styrene polymerization in the first CSTR: Iy=
0.025 mol/l, Ty= 343 °K, T, 1= 363 °K.
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Figure 2.4
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(continued)
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become broader as aj increases.- The existence of isolas has been known
for many years in various chemically reacting systems including continuous
polymerization reactors [Schmidt et al. (1984)]. Since region IV is so small
over the whole range of initiator feed composition, it will be practically very
difficult or impossible to confirm this tiny region experimentally. For the
initiator feed composition below y 45 < 0.2, region III may also be difficult to
observe experimentally (Figure 2.4a and 2.4b). For larger values of y 45, region
IIT becomes little broader (Figure 2.4d). Figure 2.3 and 2.4 also indicate that
the multiple steady state behavior is always observable in bulk free radical
polymerization (z.e., fs = 0.0). For adiabatic operations (7.e., a = 0), only
type I and 1l steady state profiles are observable.

For each initiator feed composition, the steady state profiles of the first
reactor state variables (i.e. X1 1, 4,1, Ip,; and T}), number average degree of
polymerization (X ;) and the polydiépersity (PD,) are illustrated in Figures
2.5~2.10. The analysis of steady state and periodic bifurcation branches has
been carried out with the numerical package AUTO [Doedel (1981)]. This
software package is designed for the semi-interactive determination of such
bifurcation branches and their display in graphic form. Starting from a known
or calculated steady state value, AUTO can trace the associated steady state
branch, determine any steady state or Hopf bifurcation points, and follow the
branches emanating from those bifurcation points. On branches of periodic

orbits, it can identify period-doubling bifurcation points and follow branches



Figure 2.5
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Figure 2.5
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Figure 2.6 Bifurcation diagrams of I 4, with different y45: fo= 0.1, Iy=
0.025 mol/1, Ty= 343 °K, T, 1= 363 °K.
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Figure 2.7 Bifurcation diagrams of I ; with different y45: fo= 0.1, Iy=
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Figure 2.8
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emanating from them. Therefore one can obtain a complete picture of both
steady state and periodic bifurcation characteristics of the dynamic systems.
Computations are done in a combination of parameter and state space, and

thus there are no problems with saddle-node bifurcations (switchbacks).

In Figures 2.5~2.10, steady state branches are exhibited as lines and
periodic branches as circles. Solid lines and circles demark asymptotically
stable orbits {as determined by a local eigenvalue analysis at steady states
and by Floquet exponents at periodic orbits), and dashed lines and open
circles demark unstable solutions. For any periodic orbit, the maximum value
on that orbit is exhibited. All parameter values in these figures are identical,
except yarf.

In Figures 2.5a and 2.5b, there is only one steady state branch, on which
there is an exchange of stability at each saddle-node bifurcation. When the
feed mixture consists of 20 % A and 80 % B (Figure 2.5b), no noticeable
changes from Figure 2.5a in the steady state behavior are observed except some
increase in X , ; value (Figure 2.9). As the concentration of the slow initiator
A increases, the reactor behavior changes dramatically. At an intermediate
value, a single periodic branch appears. It spans two Hopf bifurcation points
(marked by =) which spread apart; see Figure 2.5¢c. At some value of y 4, a
homoclinic orbit appears on the branch and the branch separates into two.
At yay = 0.4, (Figure 2.5¢), there is no indication of period doubling. When

period doubling branches first appear, they connect two different points on the
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primary periodic branch, and then “go homoclinic” with the primary branch.

At yar = 0.5 (Figure 2.5d), there are also two periodic branches, ema-
nating from Hopf bifurcation points. These branches terminate in homoclinic
orbits; that is, the period of the orbits on these branches becomes unbounded.
In the limit of the branch, the orbit is asymptotic in both forward and back-
ward time to the unstable stationary point on the middle segment of the
steady state branch; see phase plane portraits shown in Figure 2.12, where
a “homoclinic limit cycle” is a good approximation to the homoclinic orbit.
For this value of y4y, all the orbits on the right periodic branch are stable.
The left branch bifurcates almost vertically. It either bifurcates subcritically
(to the left) and orbits near the Hopf bifurcation point are unstable, or else
bifurcates supercritically, but switches back to the left almost immediately.
There 1s then a switchback to the right, and stability is gained. There is then
a period-doubling bifurcation (point (i)). The periodic branch loses its sta-
bility, and a second periodic branch bifurcates from it. Orbits on this branch
have a period about twice that of those on the first periodic branch (cf., Fig-
ures 2.13 and 2.14). This branch also terminates in an unstable homoclinic.
There is a second period doubling bifurcation emanating from this secondary
branch which is not exhibited, and, depending on the values of y 4, there can
be an infinite succession of period doublings — a period doubling cascade —
leading to chaos. For values of § between the two periodic branches, dynamic

simulations indicate there are no non-stationary attractors; from any initial
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state, the system is attracted to the stable stationary point on the bottom of

the steady state branch.

As y a5 increases, there are further transitions in the bifurcation branch.
An isola is present, with a Hopf bifurcation point, and the right periodic branch
has disappeared. The periodic branch emanating from the Hopf branch on the
isola terminates in a homoclinic and exhibits period doubling behavior. The
transitions are exhibited in Figures 2.5e, 2.5f and 2.5g. The isola appears
as a “breaking off” of a portion of the steady state branch. The bifurcation
diagrams for values of y.4s just below and above the transition point are ex-
hibited in Figures 2.5¢ and 2.5f, respectively. This breaking off of the isola
is similar to that observed by other investigators [Uppalet al. (1976), Choi
(1986)], except that the isola breaks off to the left instead of above the main
branch, and hence there is no transitional "mushroom”. At these values, there
is period-doubling behavior also on the right periodic branch. At a slightly
larger value of y45 (Figure 2.5g), the right periodic branch “reattaches” to
the steady state branch at the saddle-node switchback. As y.4y is increased,
the two Hopf points come closer together, the period-doubling behavior col-
lapses and disappears, and finally the two Hopf points coalesce and the period
branch itself disappears. This occurs for y.45 < 0.7. Between y.5 = 0.7 and
yas = 0.8 (Figure 2.5h), there is a further transition, in that the steady state
branch “straightens out” and loses its saddle-node switchback. Figure 2.51,

with a single slow initiator, is qualitatively the same as Figure 2.5h.
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Figures 2.11~2.14 show phase plane portraits of the bifurcation phenom-
ena such as Hopf bifurcation, homoclinic limit cycle and period doubling limit
cycles. These figures represent the reactor transients to the pulse disturbance
in yas (Figure 2.11 and 2.12) or the total initiator feed concentration (Figure
2.13 and 2.14) during the steady state operation of the reactor at each bifur-
cation point. These diagrams were obtained by solving the reactor modeling
equations (2.33)~(2.36) and the molecular weight moment equations simulta-
neously. Figure 2.11 exhibits a limit cycle on the left periodic branch of Figure
2.5d. The value of 8 is set near the value at the left Hopf point. The orbit is
a small amplitude oscillation around the steady state value. In Figure 2.12,
an approximation to a homoclinic orbit is exhibited. The value of € is set at
the value of the point on the left periodic branch in Figure 2.5d. The system
relaxes to a very long-period orbit. Along the branch of periodic orbits, the
period is unbounded, and the limiting orbit is asymptotic in both forward and
backward times to an unstable stationary point. The times between the spikes
in Figure 2.12a becomes infinite in the limit. The unstable stationary point is
approximately at the lower left of the trajectories in Figure 2.12b. The system

spends most of its time near that point, making quick excursions through the

rest of its orbit.
A period-doubled limit cycle is exhibited in Figure 2.13. The outer and
inner segments (Figures 2.13b and 2.13c) are two pieces of the same orbit (the

larger and smaller oscillations in Figure 2.13a). In between the inner and
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Figure 2.11 Transient response and phase plane portraits of Hopf bifurca-

tion point to pulse change in y.45: fs= 0.1, Ir= 0.025 mol/l,
yar=0.5, Ty= 343 °K, T. ;= 363 °K.
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Figure 2.12 Transient response and phase plane portraits of homoclinic

bifurcation point to pulse change in y45: fo= 0.1, I'r= 0.025
mol/l, ya5=0.5, Ty= 343 °K, T ;= 363 °K.
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Figure 2.13 Transient response and phase plane portraits of period dou-

bling bifurcation point to pulse change in Iy: f,= 0.1, Iy=
0.025 mol/l, yas=1.0, Ty= 343 °K, T.1= 363 °K.
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Figure 2.14 Transient behavior limiting on period doubling: f,= 0.1, Iy=
0.025 mol/l, yar=1.0, Tp= 343 °K, T, ;= 363 °K.
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outer segments of this orbit , there is an unstable undoubled periodic orbit,
which is on the primary periodic branch. The period-doubled orbit and the
undoubled orbit form the boundary and center circle of a Mobius band. In
Figure 2.14, 6 is set a value near that of point (ii) in Figure 2.5i. The orbit
exhibits some complicated transitional behavior, and it is not evident if it
has settled down to a periodic orbit or not. There is some transient “period
3” behavior and then a transition to something approximating a “period 2”
behavior. It may be a chaotic orbit.

The effect of the initiator feed composition (y.i5) on the steady state
monomer conversion, temperature and the degree of polymerization is illus-
trated in Figure 2.15 for varying reactor residence time. Note that for a given
set of operating parameters, the reactor steady state may change significantly
by simply varying the composition of the feed initiator mixture. For those
cases illustrated in the figure, the reactor giving intermediate monomer con-
version is mostly unstable. As the reactor residence time increases. middle
unstable branches become smaller and a wide range of initiator feed compo-
sition can be used to regulate both the monomer conversion and the polymer
molecular weight. Similar diagrams are also shown in Figure 2.16 for varying
feed initiator concentration with fixed initiator feed composition (y45 = 0.5).
These diagrams such as Figure 2.15 and 2.16 will be useful when one wants
to design reactor operating conditions with a binary mixture of slow and fast

initiators.
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Figure 2.15 Effect of the initiator feed composition on the steady state
profiles of X, ;, Ty and X,,; with mixed initiators in the
first reactor: f,=0.1, yar= 0.5, Ty= 343 °K, T, 1= 363 °K.

70



1.00 @

0.75

- —— stable steady state
--- unstable steady state

X4.1 0.50

0.25 05

III'IIII|IIIIIIIII

000 1 t i 1 1 i 1 1 1 i 1 I I [ 1 1 | | i 1 i
420 ///’*—F__@

400 —

(°K) 380 — ﬁ\“\—"‘w- —
360 ////////

3401
2000

1500

>

w,1

1000

Xllllilll{llll

500 1 1 H 1 I | I 1 ] l [ 1 [ |
0.00 0.01 0.02 0.03 0.04 0.05

I; (mol/l)

Figure 2.16 Effect of the initiator feed concentration on the steady state
profiles of X ;, T} and :’—fw,l with mixed initiators in the first

reactor: fy=0.1, yay= 0.5, Ty= 343 °K, T, 1= 363 °L.

71



2.4.2. Transient Behavior

The transient behavior of the first reactor will now be illustrated for var-
ious operating conditions: perturbation of steady state and the reactor start-
up. Figure 2.17 and 2.18 shows the dynamic response of the polymerization
reactor when the feed initiator composition (y4r) is step changed (£ 60 %).
The original steady state is point A in Figure 2.5d which is stable. As the con-
tent of more stable or slow initiator is increased from y 45 = 0.5 to 0.8 as shown
in Figure 2.18, the reactor state moves smoothly toward a new stable steady
state. The steady state temperature decreases only by 5 °C but X, ; value
increases from 650 to 900, a 38 % increase. The polydispersity also increases
slightly. Figure 2.18 also shows that the reactor temperature reaches its new
steady state value in one hour whereas it takes about 4 hours for monomer
conversion _Xn,l, and PD; to reach their new steady state values. However,
when the content of the slow initiator is decreased from y45 = 0.5 to 0.2, a
dramatic change in the reactor state occurs as illustrated in Figure 2.17. Note
that in less than 30 min after the change in the feed initiator composition is
made, both the reactor temperature and monomer conversion increase rapidly
and oscillate afterward toward a new upper steady state. The temperature
reaches as high as 460 °K in a short time period and this rapid temperature
surge may cause a serious heat removal problem or runaway phenomenon. It

is also interesting to observe that the polydispersity returns to its original
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Figure 2.17 Transient response of the first reactor to the step change in

the initiator feed composition (-60 %) during the steady state
operation: fs= 0.1, Ir= 0.025 mol/l. y.1y= 0.5, Ty= 343 °K,
T.= 363 °I{, = 0.9 hr.
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Figure 2.18 Transient response of the first reactor to the step change in

the initiator feed composition (+60 %) during the steady state
operation: fs= 0.1, Iy= 0.025 mol/l, yay= 0.5, Ty= 343 °K,
T.= 363 °K, 6= 0.9 hr.
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value 5 hours after the step change is introduced to the system (Figure 2.17e).

Similar behavior observed in Figure 2.17 and 2.18 is seen in Figure 2.19
and 2.20 where step changes (+ 20 %) in the total feed initiator concentration
(I5) are made with the initiator composition being held constant at y.45 = 0.5.
Figure 2.19 illustrates. again that the time constants for the change in monomer
conversion, Yn,l and PD; are almost the same. Figure 14 shows the transient
response of the reactor to the simultaneous changes in both the feed initiator
composition (yar) (£ 33.4 %) and the feed initiator concentration ([¢) (£
50 %). When the content of the slow initiator increases (Figure 2.21), the
transition of the reactor state to a new steady state occurs with about 3 hours
of “induction” before entering a limit cycle. This can be a very dangerous
situation because the system appears to move smoothly toward a new steady
state before the runaway type transition to the new state occurs. When the
content of the slow initiator is decreased, reactor runaway to a new steady
state occurs almost instantly (Figure 2.22). It is interesting to observe that

the polymer molecular weight decreases significantly in both cases whereas the

The start-up transients of the reactor also depend strongly upon the feed
initiator concentration and the feed initiator composition. Figure 2.23 and
2.24 illustrate the two cases in which slightly different initiator concentrations

are used only to result in significantly different transient behavior.
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Figure 2.19 Transient response of the first reactor to the step change in

the initiator feed concentration (-20 %) during the steady
state operation: f,= 0.1, Iy= 0.025 mol/l, yay= 0.5, Tf=
343 °K, T,= 363 °K, 6= 0.9 hr.
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Figure 2.21 Transient response of the first reactor to the step change in

composition (+33 %) and concentration (450 %) of the ini-
tiator feed mixture during the steady state operation: fy=
0.1, Iy= 0.025 mol/l, yay= 0.5, Ty= 343 °K, T.= 363 °K,
6= 0.9 hr.
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Figure 2.22 Transient response of the first reactor to the step change in
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Figure 2.23 Start-up of the first CSTR at the standard operating condi-
tions: fo= 0.1, Ir= 0.025 mol/l, y45= 0.5, Tp= 343 °K, T.=
363 °K, 6= 0.9 hr.
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Figure 2.24 Effect of the initiator feed concentration on the start-up of
the first reactor: f,= 0.1, Iy= 0.030 mol/l, yas= 0.5, Ty=
343 °K, T.= 363 °K, 6= 0.9 hr.
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The effect of feed initiator composition is shown in Figure 2.25. The strong
nonlinear behavior as observed in both cases suggests that reactor start-up

should be done carefully to avoid potentially dangerous situations.

2.5. Dynamics of the Second Reactor

When the second reactor has the same operating conditions (i.e. T, =
363 °K) and same size (i.e., v = 1) as the first reactor, it has similar bifur-
cation behavior to the first reactor, as shown in Figures 2.26~2.31. Here, the
fractional conversion of monomer (X7 2), the molar concentration of the ini-
tiators (4.2, I 2), the reactor temperature (73 ), the number average degree
of polymerization (X, 2), and the polydispersity (PD3) of the second reactor
are presented for each initiator feed composition. There is a pattern in the
manner in which the bifurcation behavior of the second reactor extends that
of the first reactor. That is, there are two loops which become isolas as yy
is increased (at different values of y4y). The behavior of the periodic orbits
is also repeated. Each of the two loops has a pair of Hopf bifurcations, which
lead to branches of periodic orbits, period-doubling cascades, and chaos. One
of each pair of Hopf bifurcations lies on the appropriate isola and one dis-
appears as above. Thus for small y4f, the bifurcation diagram with 6 as a
bifurcation parameter consists of a single branch of stationary points with two

loops. For large y.y, the bifurcation diagram consists of one straight branch
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Figure 2.25 Effect of the initiator feed composition on the start-up of the
first reactor: fo= 0.1, Iy= 0.025 mol/l, y.s= 0.45. Ty= 343
°K, T,= 363 °K, 6= 0.9 hr.
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Figure 2.26 Bifurcation diagrams of X ; with different y45: fo=0.1, If=
0.025 mol/l, Ty= 343 °K, T,y = T, 2= 363 °K, v = 1.
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Figure 2.26 (continued)
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Figure 2.
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Bifurcation diagrams of 14 9 with different y45: fo= 0.1, Iy=
0.025 mol/l, Ty= 343 °K, T.; = Tcp= 363 °K, v = 1 (i
period doubling bifurcation point, ii: second period doubling

bifurcation point, iii: homoclinic bifurcation point).
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Figure 2.28 Bifurcation diagrams of Ip 5 with different y4¢: fo= 0.1, Iy=
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Figure 2.29 Bifurcation diagrams of Tp with different y45: fo= 0.1, Iy=
0.025 mol/l, Ty= 343 °K, Tcq = T.2= 363 °K, v = 1 (i:
period doubling bifurcation point, 1i: second period doubling

bifurcation point, iii: homoclinic bifurcation point).
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Figure 2.30 Bifurcation diagrams of X, . with different yas: fo= 0.1,
If= 0.025 mol/l, Ty= 343 °K, T, 1 = Tc 2= 363 °K. v = 1.
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Figure 2.31 Bifurcation diagrams of PD, with different yas: fy= 0.1,
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and two isolas; each isola has a Hopf bifurcation off of which a periodic branch

bifurcates leading to a period-doubling cascade.

First note that up to five steady states may exist for 8 (e.g., 8§ < 0.36 hr
for yay = 0.4) and only three of them are stable. The main solution branch
consists of a sequence of steady state [see Figure 2.29a]: (from the left) stable
(sl) - unstable (ul) - stable (s2) - unstable (u2) - stable (s3) - unstable (u3)
- stable (s4). There are also two Hopf bifurcation points connecting a branch
of periodic orbits. All these periodic solutions are asymptotically stable. In
the range of intermediate monomer conversion (e.g., 0.3 < X; 2 < 0.5) the
steady states are always unstable under the given operating conditions. Al-
though the steady state conversion values are quite different, the steady state
temperatures on the lower left branch (s1) and on the upper branch (u3-s4)
are very similar.

As yay is increased to 0.5 (Figure 2.26b), the second reactor exhibits
much more complex bifurcation behavior. There is one pair of Hopf bifurca-
tion points as in Figure 2.27a; the branches of periodic orbits are disconnected
and they terminate in homoclinics (point 2 in Figure 2.27b) where the period
of orbits becomes unbounded. Figure 2.27b’ shows the details of bifurca-
tion behavior near the left Hopf bifurcation point (HB). Noté that there is
a periodic limit point (PLP) followed by a branch of stable periodic orbits.
The orbits near the Hopf bifurcation points are unstable. There is then a

period-doubling (PD) bifurcation from which the two branches of periodic
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orbits emanate. The right periodic branch loses its stability and terminates
in unstable infinite period (IP) periodic orbits. The left branch bifurcates
almost vertically. Note also that there is a second period doubling (SPD) bi-
furcation off of this branch. This branch eventually terminates in an unstable
homoclinic or in infinite period (IP) orbits. As seen in these figures , the am-
plitudes of oscillations in monomer conversion (X 2) on the periodic branches
are quite small; however, the initiator concentrations, the number average

degree of polymerization (X, ), and the polydispersity (PD,) oscillate with

much larger amplitudes.

With a further increase in y 4 (=0.6) (Figure 2.26¢), the branch separates
into two branches, and another branch of periodic orbits connects another pair
- of Hopf bifurcation points. The overall pattern of the emergence of periodic
orbits is quite similar to the case of y45 = 0.5, as shown in Figure 2.26b.
Note that the rightmost periodic orbit terminates in a homoclinic. Figure
2.28¢' shows the plot of the steady state temperature of the second reactor
vs. the steady state temperature of the first reactor. Here, the loop on the
left corresponds to the second loop or isola in the bifurcation diagram, and
the loop on the right corresponds to the first loop or isola in the bifurcation
diagram. This plot shows, for example, that there is a range of operating
conditions for which 7} is approximately 350 °K, but for which T, can range
up to 500 °I. For these values of 8, there are several coexisting stable states

for the system.
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As yay is increased further to 0.679, the periodic orbits between the Hopf
points are disconnected and the second loop becomes larger as illustrated in
Figure 2.26d. The lower branch is also extended to the monomer conversion of
0.45. It is interesting to observe in Figure 2.29 that the steady state tempera-
tures near the end of lower branches and in the last segment of upper solution
branches are almost identical. In other words, it will be possible to operate the
second reactor at high monomer conversion and relatively low temperature.
The molecular weights and the polydispersity values are also quite similar.
The rightmost branch also has a period doubling bifurcation point (1) and it
terminates in a homoclinic {11:) as other branches of periodic orbits (Figure
2.27d).

With a further increase in the concentration of t-butyl perbenzoate in the
feed (e.g., yay = 0.690), the right-most branch of periodic orbits is connected
to the stationary branch by Hopf bifurcation points at both ends (Figure
2.26e). For slightly larger y 4y, this branch has disappeared. Figures 2.32 and
2.33 exhibits graphs and phase diagrams for typical periodic orbits. These par-
ticular ones exist for y45 = 0.690. They are members of the branch of periodic
orbits associated with the Hopf bifurcation on the isola, with § approximately
0.4. From the Hopf point, a branch of periodic orbit bifurcates, terminating
in a homoclinic orbit. From this branch a branch of period-doubling orbits
bifurcates. A typical member of the branch is exhibited in Figure 2.32a and

2.33a. For much of the time, the orbit is near stationary point.
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In Figure 2.33c, note that stationary point is near the small jog in the orbit
near the left (this jog corresponds to the dip seen in Figure 2.32¢). In fact,
there is a period doubling cascade of branches bifurcating from the branch;
each of these branches terminates in a homoclinic. A typical member of the
second period-doubling branch is exhibited in Figure 2.32b and 2.33b

As ya5 approaches 0.7472, the right-most branch of periodic orbits dis-
appears and the appearance of an isola is evident and the lower branch is
connected to the upper branch as shown in Figure 2.26f. Note that in this
case the right-most Hopf bifurcation is not on the main branch of stationary
points, but rather on the isola. In Figure 2.26g, the same variables are shown
for yay = 0.8. The two isola can be seen, each with a branch of periodic
orbits and period doubling. Note that now there is a stable branch where no
periodic orbits exist.

So far we have examined the bifurcation behavior of the second reactor
which has the same volume as the first reactor. In practical situations, these
two reactors may have different reactor volumes. In Figures 34 and 35, the
effect of volume ratio (v = V,/V7) is shown for y45 = 0.5. The first reactor
is fixed at nominal operating conditions [t.e., § = 0.5, T, = 343 °K (6, =
0.0)] and the bifurcation parameter is v, ranging from 0 to 2. Of course, the
behavior of the first reactor is independent of v; only the change of behavior
in the second reactor is of interest. The coolant temperature in the second

reactor 1s set at three different values, namely 6, = 0.029, 62 = 0.058,
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Figure 2.34 Effect of volume ratio (v) on X for different coolant tem-

peratures in the second reactor: fy= 0.1, Ir= 0.025 mol/l,
yar = 0.5, Ty= 343 °K, T, 1= 343 °K, 6 = 0.5 hr.
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§5. = 0.087, corresponding to temperatures 353, 363, 373 °K, fespectively.
Again, there is a loop in the branch of steady states which breaks off to form
an isola, along with the appearance of Hopf bifurcation, periodic branches and
chaotic regimes.

In the second reactor, the coolant temperature (é2) and the heat transfer
coefficient (a3 ) are two of the important reactor parameters. Figure 2.36 shows
the steady state behavior regions for the first reactor (a) and the second reactor
(b). When the first reactor operates in the region III (a point marked by e
in Figure 2.36a), the second reactor may exhibit four different steady state
behavior as shown in Figure 2.36b with é; and a2 as free parameters. Here
I'1 and I'; represent the hysteresis variety and the isola variety, respectively.
Note that for large values of ag, S-shaped steady state curves are always
observed for all values of coolant temperature. This indicates that poor heat
transfer from the reactor to the cooling jacket is one of the major causes for
strong process nonlinearity. Figure 2.36b also illustrates that the steady state
behavior of the second reactor can vary with the operating conditions of the
first reactor.

In Figures 2.37 and 2.38, the bifurcation parameter is the coolant tem-
perature of the second reactor (62), with the first reactor at a given steady
state (marked by e in Figure 2.26a). a; value used in these figures is the same
as a for the first reactor and only & is varied. The first reactor is fixed at a

steady state value with y,4¢ = 0.5, 8 = 0.5, and with ¢; = 0.0. The volume
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ratio v is set at‘0.5 (Figure 2.37) and 1.0 (Figure 2.38). In both case, there is
an “S” curve of steady states with a Hopf bifurcation and branches of periodic
orbits terminating in homoclinics. For v = 0.5, there is a period doubling
cascade and the resulting chaotic regime, which 1s evidently not there for
v = 1.0. Graphs of typical periodic orbits are shown in Figures 2.37c¢ and
2.38c. Here, T is the period of oscillation. For v = 0.5, the orbit is near
the homoclinic on the period-doubling branch; for v = 1.0 is midway on the
periodic orbit.

For the cases illustrated in Figures 2.26~2.31, the coolant temperatures
in the two reactors were same. In practical operating conditions, the coolant
temperature in the second reactor can be different from that in the first re-
actor. Figures 2.39 and 2.40 show the bifurcation diagrams for the first and
the second reactors operating at different coolant temperatures. The coolant
temperatures for the first and the second reactor are 343 °K and 360 °K, re-
spectively. These diagrams are similar to those shown in Figure 2.26b. Note
that the second reactor exhibits a considerably different dynamic behavior
from the first reactor. Figures 2.41 and 2.42 show the transient behavior of
the two reactors when the initiator feed composition is changed from 0.5 to
0.35 (30 % less slow initiator in the feed). The initial operating points for
both reactors are marked as A in Figures 2’.39 and 2.40. Note that the first
reactor moves smoothly toward a new stable steady state in less than 3 hours;

however, the second reactor, after about 17 hours, runs away to an upper
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unstable steady state in an oscillatory manner. The temperature surge is
as large as 75 °K. The polymer molecular weight also varies with a large
amplitude of oscillation. Such behavior as illustrated in Figure 2.42 can lead
to a potentially very dangerous situation. Similar behavior is also observed
when the total initiator feed concentration is changed from 0.025 to 0.033 mol/!
(Figures 2.43 and 2.44). Figures 2.45 and 2.46 illustrate the reactor transients
when the residence time is increased from 1.0 to 1.35 hour. Again, the second
reactor exhibits an oscillatory behavior. In this example, the effect of residence
time variation on the reactor temperature and the polymer molecular weight

is not as large as in the previous examples.
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2.6. Conclusions

The bifurcation behavior of a cascade of two continuous rectors has been
analyzed for styrene solution polymerization with a binary mixture of mono-
functional initiators, viz, t-butyl perbenzoate and benzoyl peroxide. The ki-
netic model used in the model includes the gel-effect and thermal initiation.
Compared with single monofunctional initiator systems, the mixed initiator
systems exhibit more complex reactor dynamics depending on the feed initia-
tor composition. It has been shown that the polymerization reactor with a
binary initiator mixture exhibits quite rich dynamic behavior for some operat-
ing conditions. It has been observed that complex bifurcation behavior such as
secondary or higher-order bifurcation of a periodic branch and annihilation of
multiple periodic branches occur for certain initiator feed compositions. More
specifically, multiple Hopf bifurcation points, isolas, period doubling bifurca-
tion leading to a period-doubling cascade and ﬂomoclinics have been found.
The effects of other reactor design and operating parameters such as the re-
actor volume ratio, the coolant temperature, and the residence time on the
steady state and transient behavior of the two reactors are also reported. It
is also illustrated that some process disturbances (e.g., feed initiator compo-
sition, initiator concentration, feed flow rate) introduced to the first reactor

may change the stability of the second reactor.
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2.17.

Aci
CP

Da;

Notation

heat transfer area of the ith reactor (cm?)

heat capacity of reaction mixture (cal/g°K)

Damkohler number (dimensionless mean residence time) of

the ¢th reactor (-)

decomposition activation energy of initiator ¢, ¢ = A, B (cal/mol)
activation energy of thermal initiation (cal/mol)

activation energy of each reaction step j, j = p, fm,t (cal/mol)
efficiency of initiator 7, 1 = A, B (-)

solvent feed volume fraction (-)

gel effect correlation factor, k;/kf (-)

heat transfer coefficient of the ith reactor (cal/cm?sec’K)

heat of reaction (cal/mol)

concentration of initiator feed mixture (mol/l)

concentration of initiator j in the ith reactor, 7 = 4, B (mol/1)
decomposition rate constant of initiator i, 7 = A, B (sec™?!)
rate constant of thermal initiation ((1/mol)?.sec)

initiation rate constant (1/mol.sec)

chain transfer rate constant(l/mol.sec)

propagation rate constant (1/mol.sec)

combination termination rate constant (1/mol.sec)
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combination termination rate constant at zero monomer
conversion (1/mol.sec)

monomer concentration in the ith reactor (mol/1)
monomer feed concentration (mol/l)

polydispersity index of the polymer in the ¢th reactor (-)
volumetric feed flow rate (1/sec)

primary radical concentration (mol/l)

reactor temperature in the ith reactor (°K)

coolant temperature of the ¢th reactor (°K)

feed temperature (°K)

dimensionless time in the reactor (-)

time (sec)

volume of the ith reactor (cm?)

effective monomer conversion in the presence of solvent (-)
monomer conversion in the ¢th reactor (-)

conversion of initiator A in the ¢th reactor (-)

conversion of initiator B in the ¢th reactor (-)
dimensionless reactor temperature in the tth reactor (-)
number average polymer chain length in the ith reactor (-)
weight average polymer chain length in the‘ 1th reactor (-)

mole fraction of initiator A4 in the initiator feed mixture (-)
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Greek Letters

a;

Qg

’

Yd

d
)‘k,i

dimensionless heat transfer coeflicient of the ith reactor (-)
effective heat transfer coefficient of the ith reactor (sec™!)
probability of propagation in the ith reactor (-)

dimensionless heat of reaction (-)

dimensionless coolant temperature in the 7th reactor (-)

ratio of decomposition activation energy of initiator B to that
of initiator 4 (-)

dimensionless activation energy of propagation reaction (-)
dimensionless decomposition activation energy of initiator A (-)
ratio of preexponential factor of decomposition of initiator B to
that of initiator 4 (-)

mean residence time of the first reactor (hr)

k-th moment of live polymer chain in the ¢th reactor (-)

k-th moment of dead polymer chain in the :th reactor (-)
volume ratio of the second to the first reactor (-)

density of reaction mixture (g/cm?)
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Chapter 3

Styrene Polymerization with

Bifunctional Initiators in a CSTR

3.1. Introduction

With rapidly growing demands for the polymers of precisely controlled
properties and of varying grades, there is a growing interest in the polymer
industry in applying multifunctional initiators to free radical polymerization
of vinyl monomers. The multifunctional initiators are defined as free radical
generating initiators containing more than one labile group (e.g., peroxy or
azo) having distinctly different thermal stabilities. During the past decades,
many works have been reported in the literature on the kinetics of free radical

polymerizations and the associated polymerization reactor design and control
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problems, as discussed in the previous chapter. Most of these works have been
confined to the polymerizations employing a single monofunctional initiator
system such as benzoyl peroxide (BPO) and azobisisobutyronitrile (AIBN). In
practice, more complex initiator systems such as mixed initiators and bifunc-
tional initiators or multifunctional initiators are widely used in the polymer
industry in order to enhance the monomer conversion and to improve polymer

properties or to reduce the batch time.

Unlike conventional monofunctional initiators, functional groups in the
multifunctional initiators can be decomposed in a controlled manner by vary-
ing the polymerization conditions. Therefore, the multifunctional initiators of-
fer an added degree of freedom to polymer reactor engineers in optimizing the
polymerization processes more effectively by taking advantage of some unique
characteristics of the initiators. For example, it has been illustrated experi-
mentally by some workers [Kamath and Harpell (1978), Sanchez et al. (1978)]
that the multifunctional initiators can produce polymers of increased molec-
ular weight at high reaction rate when they are used properly. Such an effect
is due primarily to the sequential decomposition of the reactive functional
groups (peroxy or azo) and repeated reinitiation, propagation, termination
and chain transfer reactions. One of the practical advantages of using such
multifunctional initiators is that no major modification of reactor equipment
is necessary. The multifunctional initiators can also be used for the synthesis

of block or graft copolymers by sequential monomer incorporation techniques
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[Budtov et al. (1976), Ivanchev et al. (1976), Walz and Heitz (1978), Piirma
and Chou (1979), Gunesin and Piirma (1981), Yamamoto et al. (1991)]. Al-
though the concept of using multifunctional initiators in free radical polymer-
ization of vinyl monomers was introduced some years ago [Shah et al. (1951),
Vuillemenot et al. (1965), Prisyazhnyuk and Ivanchev (1970), Ivanchev and
Zherebin (1974), Ivanchev (1979)], it is only recently that systematic kinetic
modeling and experimental investigation have been reported in the literature
[O'Driscoll and Bevington (1985), Choi and Lei (1987), Choi et al. (1988),

Villalobos et al. (1991)].

In this chapter, a kinetic model and experimental model verification will
be presented for the free radical styrene polymerization catalyzed by bifunc-
tional initiators. Steady state behavior of a continuous stirred tank reactor
for this system will also be studied. In particular, the effect of bifunctional

initiators on the polymer molecular weight properties will be elucidated.

3.2. Polymerization Kinetics

The bifunctional initiator systems considered in this study are the diper-

oxyesters having the following structure:

o O

i T (3.1)
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where R;, R; and X represent hydrocarbon ligands. Depending on the struc-
ture of Ry and R, the bifunctional initiators are divided into symmetrical
and unsymmetrical bifunctional initiators and the peroxides 4 and B in these
initiators exhibit different decomposition characteristics. The difference in the
decomposition rates of the peroxide groups depends on the size and the type
of the hydrocarbon bridge between the peroxide groups in the main chain of

the multifunctional initiator molecule [Ivanchev and Zherebin (1974)].

3.2.1. Symmetrical Bifunctional Initiators

The specific symmetrical initiator system chosen is the diperoxyester stud-

ied by Prisyazhnyuk and Ivanchev (1970):

O ) ) O

where R, and R; has same structure [CH3(CH3)gCO]. Upon heating, the

initiator decomposes into two radical species as follows:

R T 0
I — CHy(CH,)sCO® + OC-[CH,CHCI]-C-00-C(CH,)sCHs (3.3)
(R) (R)

where the primary radical species R’ carries an undecomposed peroxide group

131



which may decompose further during the course of polymerization. It is as-
sumed that the peroxide groups of the same structure in the symmetrical
initiator as shown in eq (3.2) have the same decomposition rate constants
when the ligand between the peroxides is small. If the bridge (i.e., hydrocar-
bon ligand X) between the peroxide groups is short enough for an inductive
effect to be transmitted, the thermal stability of a group will change consid-
erably when the neighboring group decomposes [Ivanchev (1979)]. For the
bifunctiongtl initiator shown above, it has been found that the decomposition
activation energy of the peroxide group in R' is quite different from that of the
peroxides in the original initiator (I). When monomers are polymerized by
the radical species R’, the polymers will carry labile peroxide groups and such
polymers are called reactive polymers or polymeric initiators. Such complex
polymerization kinetics caused by the existence of the two radical species (R
and R') has been modeled by Choi and Lei (1987), Choi et al. (1988) and
Villalobos et al. (1991). The following kinetic model was proposed by Choi
and Lei (1987) and will be applied to a CSTR model in the next section.

A mechanism of polymer formation in free radical polymerization initi-
ated by bifunctional initiators is called poly-recombinational polymerization
because reactive macromolecules formed in the early stages of polymerization

participate in the reaction through re-initiation, propagation and termination.
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Table 3.1 Polymeric species produced from symmetrical bifunctional ini--

tiator

Growing Polymers

P, : « ———00CR;4
Q, : « —  COO0-00CR,
S, i e— o

Inactive Pol ymells

T, : RiCOO-00C———CO0O-00CR,
Z, : RRCOO———C00-00CR;

As shown in Table 3.1, six different polymeric species (Pp, @n., Sn. Th. Zn,
and M,) can be defined in accordance with the nature of the end units of the
polymer chains. Note that P,, @y, and S, are the growing (or live) polymer
radicals with n-monomer units and T,,, Z,, and A, are the dead polymers
of n-monomer units. However, @, T, and Z, species carry undecomposed
peroxide groups (~COO~OOCR) on the chain ends. Thus, such polymers can
be reconverted to active radical species via subsequent thermal decomposition
of the peroxides. The decomposition reactions of the primary diperoxyester

initiator (I) and the polymeric initiators can be described as follows:
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2k41
I—",R+R (3.4)

kaz

Qn —— Sn+ R (n2>1) (3.5)
2kd2

T, — Qn+ R (n > 2 (3.6)
ka2

Zn —2 P, +R (n>2) (3.7)

where k41 and kye denote the decomposition rate constants of the two perox-
ide groups in the primary initiators and in the polymers, respectively. Note
that both the primary initiator (I) and the polymeric species T, have dual
functionalities because they contain two undecomposed peroxides of equal ac-
tivities. Here, it is assumed that cyclization reaction and thermal initiation do
- not occur. The decomposition of primary radical species R’ is also assumed
negligible. According to Ivanchev (1979), the decomposition rate constants
of more stable peroxides (i.e., peroxides in @, T, and Z,) are independent
of polymer chain length. Thé initiation of polymer chain propagation by the

primary radicals takes place as follows:

ki1

R+ M —— P, (3.8)
ki

R +M—0 0 (3.9)

The propagation reactions are:
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k

Po+M—— Py (n>1) (3.10)
k

Qn+M — Quis (n>1) (3.11)
2k,

where the propagation rate constants are also assumed to be independent of
polymer chain length. Since S, contains two radicals per molecule, the prop-
agation and the termination reactions involving these polymers occur twice
as fast as those involving the other polymeric species. When the termination
of growing polymer chains occurs exclusively by combination (e.g.. styrene

polymerization), the following termination reactions will take place:

k;

P,+ Py — Muyyn (n,m >1) (3.13)
ke

P,+Qm —— Zpim (n,m>1) (3.14)
k;

Pyt Sy s Pt (nom > 1) (3.15)
ke

Qn + Qm ~ dn+m (n,m P 1) (316)
2k,

Qn+ S —— Qunim (n,m>1) (3.17)
4k,

Sn + Sm — Sn+m (71 m 2 1) (318)

Note that various reactive polymeric species (e.g.. ()n, T,,. Z,) containing

undecomposed peroxide groups are formed by the combination termination
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reactions and these species, upon subsequent decomposition and polymeriza-
tion, will lead to the formation of polymers having extended polymer chain
lengths. The termination by primary radicals is assumed ﬁegligible in the
above scheme. In egs (3.13)~(3.18), the combination termination rate con-
stants for the different polymeric species are assumed to be identical. In this
kinetic scheme, chain transfer reactions have not been considered.

With the polymerization mechanism proposed above, a batch polymer-

ization process with the bifunctional initiator can be modeled as follows:

For initiator and primary radicals:

dI

i} 3.1
o a1l (3.19)
dR.

—5 =2fikal = ko RM + ka2 (Q + 2T + 2) (3.20)
d 4
d—}:' =2frka] — kinR'M (3.21)

where f; and f; are the initiator efficiencies which indicate the fraction of

primary radicals (R and R') used for chain initiation.

For growing polymers:

d

_d].} — knRM — k,MPi — kPy(P + Q +25) (3.22)
dp,

7 = kpM(Pa—y = Pa) + ka2 Zn = ki Pa(P + Q + 25)

n—1
+ 2k Y PoomSm (n>2) (3.23)
m=1
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dQ,

—dt— == k,‘zR/.AI - ]CP.AIQI - kd2Q1 - thl(P + Q + 25) (324)
d@Q, , N
F7ale —ka2@n + 2ka2Tn + kpM(Qr-1 — Qn) — kiQn(P + Q + 25)
n—1
+2ke Y Qu-mSm (n>2) (3.25)
m=1
dS;
= kaa@Qr — 2kp M Sy — 2k, S1(P + Q +25) (3.26)
dS,
el kazQn + 2k, M(Sn—1 — Sn) — 2k:Sn(P + Q +25)

+ 2k ) Sn-mSm (n>2) (3.27)

For temporarily inactive polymers:

dT,

=3 — > 2 2
o = ~2kaT, + X Z Qn-mQm (n>2) (3.28)
dZ n—1
S = kg Zn + k Py nQnm >2 2
= 12Zn + tmzzl Q (n>2) (3.29)
For monomers and dead polymers:
dM , \
el —kiRM — kipR'M — k,M(P + Q + 25) (3.30)
aLMn ky — ,
:_Q_Z (n>2) (3.31)

where P, ), S, T, and Z are the total concentrations of the corresponding

polymeric species, i.e.,

P=YP Q=Y Q S=Ys
n:l n;l n=1 (332)
n=2 n=2

For primary radicals and live polymeric species (P,, @,. and S,) a quasi-

steady state approximation will be employed. In order to compute the molec-
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ular weight averages of polymers, the following molecular weight moments are

used:

Nek =Y n*en [€=P.Q.S(=1xT.2(j = 2)] (3.33)

n=j
oo

M= nfM, (3.34)

n=2

where A¢ r and A{ denote the k-th moment of polymeric species £ and dead

polymers, respectively. Detailed moment equations for each polymeric species

are derived by Choi and Lei (1987).

3.2.2. Unsymmetrical Bifunctional Initiators

The peroxides A and B in the unsymmetrical bifunctional initiators have
significantly different decomposition activation energies due to their structural
difference. The specific initiator system chosen is 4-(t-butylperoxycarbonyl-3-

hexyl-6-[7-(t-butylperoxycarbonyl)heptyl]cyclohexene:

O
Il
CH3(CH,)s_)-(CH2):C-00-C(CHs)s

I (A)
O=C-00-C(CH,); (3.35)

in which the primary peroxy ester(A) and the cyclic peroxy ester (B) have
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decomposition activation energies of 33.5 kcal/mol and 29.8 kcal/mol, respec-
tively [Sanchez et al. (1978). Product Bulletin (1986)]. Figure 3.1 illustrates
the comparison of the half-life of the two peroxide groups in the bifunctional
initiator (M4 and Mpg) with those of other popular monofunctional initiators.
t-butyl perbenzoate (TBPB), BPO and AIBN. The peroxide (B) is less stable
or more reactive than the peroxide (A). Note that the decomposition charac-
teristics of the peroxides (A) and (B) are similar to that of TBPB and BPO,
respectively.

The thermal decomposition of the primary initiator (/) occurs via ho-

molytic scission as follows:

o)
I
CH(CHy)s__ )-(CHo);COs + «OC(CHy)s (3.36a)
kda [
O=C-00-C(CH)s
I (B)
Kag (R) (R)
@]
i )
CHa(CHz)SG-(CH2)7C-_Q,Q-C(CH3)3 + eOC(CH,);  (3:36b)
I (A)
O=C-O'
(Ra) (R)

where ks.4 and ksp denote the decomposition rate constants of peroxide (A)
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Figure 3.1 Initiator half-life of various initiators.
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and (B), respectively. R4 and Rp represent primary radicals with undecom-
posed peroxide (A) and (B), respectively. During the course of polymerization,

those primary radicals (R4, Rp) can further decompose as follows:

0]
K il
i or Re— CH3<CH2>5<|j-<CH2)7co- + #OC(CHj)s (3.37)
O=C-Oe
(R) (R)

Note that diradical species (R') is produced by the decomposition of R, or
Rp. Those primary radicals may undergo decarboxylation reactions; however,
there will be no net change in their concentrations by such reactions. It
is assumed that induced decomposition {chain transfer to the initiator) and
intramolecular rearrangement reactions are negligible.

When these radical species are involved in initiation and propagation
reactions, ten unique polymeric species can be defined in accordance with the
type of chain end units, as shown in Table 3.2. Note that @, and S, are
live monoradicals of n-monomer units carrying undecomposed peroxide group
(A) and (B) at the other end of the chain, respectively. Inactive polymeric

species [7,. V5. W7, U!

/. and V7! contain undecomposed peroxides which may

decompose during the polymerization process.
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Table 3.2 Polymeric species produced from unsymmetrical bifunctional ini-

tiator
Symbols Note
P, o—| live polymer without any undecomposed peroxides
Q. e——A live polymer with undecomposed peroxide (A)
S, e B live polymer with undecomposed peroxide (B)
T, e—e live polymer with diradicals
M, | [ dead polymer without undecomposed peroxides
U, | A inactive polymer with a single undecomposed
peroxide (A)
Vo | B inactive polymer with a single undecomposed
peroxide (B)
W, A———-B inactive polymer with undecomposed
peroxides (A) and (B)
U, A———A inactive polymer with two undecomposed
peroxides (A)
V., B———B inactive polymer with two undecomposed

peroxides (B)
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3.2.2.1. Kinetic Model

Similar to the symmetrical bifunctional initiators, a mechanism of free

radical polymerization initiated by unsymmetrical bifunctional initiators is

poly-recombinational because various types of reactive macromolecules par-

ticipate in the polymerization repeatedly through re-initiation, propagation

and termination. The decomposition reactions of the primary initiator(J) and

the radical species R, and Rp are described by:

de
I —— R+ R

kdB
I — R4+ R

ka
Ry —— R+ R

kdB
Rg —— R+ R

The initiation reactions are:

k;
R4+ A — Py
. .
Ra+ M —— 0,
k;
Rp+M — 5

ki
R+ M —T

(3.38a)
(3.380)
(3.38¢)

(3.38d)

(3.39qa)
(3.390)
(3.39¢)

(3.39d)

Since some polymeric species contain undecomposed peroxides, additional

reinitiation reactions will also occur as follows:
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Qn — R+ T, (n>1) (3.40a)
kag

Sp —— R+ T, (n>1) (3.400)
de

U, — R+ P, (n>2) (3.40¢)
kdB

Vo —— R+ P, (n>2) (3.40d)
k B

W —2 R+ Qn (n >2) (3.40¢)
ka,
2ky

U —— R+Q, (n>2) , (3.40¢)
2kq

V! —2S R+ S, (n>2) (3.40R)

Note that U], and V! have dual functionalities because they contain two iden-

tical undecomposed peroxides.

The thermal initiation by styrene is [Hui and Hamielec (1972)]:

kap ’
3IM —— 2P (3.41)
The propagation reactions are:
kP
P+ M —— P,y (n>1) (3.42a)
kp .
k
Sp+M —2 St (n>1) (3.42¢)
2k,
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where the propagation rate constants are assumed to be independent of poly-
mer chain length. In the above kinetic scheme, it is also assumed that the re-
activity of any free radical species is independent of the polymer chain length
[Ivanchev (1979)]. The diradical species (T},) are assumed not to form any
cyclic polymers. Since T, contains two radicals per molecule, the propagation
and termination reactions involving this polymer occur twice as fast as those
having only one active radical. When active polymeric species are involved
in the chain transfer reactions to monomer, they produce different types of
dead or inactive polymeric species according to the endgroups having unde-

composed peroxide groups:

k m

Po+M "M, + P, (n>1) (3.43a)
Kfm

On+M U, +P (n>1) (3.43b)
Kfm

So+ M —"V,+P (n>1) (3.43¢)
2kfm

T, +M —"% P, + P, (n>1) (3.43d)

When the termination of growing polymers occurs exclusively by combination

(e.g., styrene polymerization), the following termination scheme will be valid:

k;
P,+ Pp —— My, (n,m2>1) (3.44a)

ke
Po+Qn —— Untm (n,m>1) (3.44b)
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Pn +Sm — Vn4m

2k,
P,+T1T, —— Poinm

Qn+Qm —"9(71

n—+m

Qn + Sm E— n+m

2k,
Qn + Tm —_ Qn—}—m

S,+ S, — V!

n+m

2k,
Sn + Tm I— Sn+m

4k,
Tn + Tm — dp4m

and Hamielec (1972) is used:

9= kto

il = exp[—2(Bz + Cz* + Dz%)]

constant at zero monomer conversion, respectively, and:

B =2537-5.05x 1073T(°K)

C =9.56 —1.76 x 1072T(°K)

D =-3.03+7.85x 107°T(°K)
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(3.44d)

(3.44e)

(3.44f)

(3.44q)

(3.44h)
(3.447)

(3.445)

For bulk styrene polymerization, gel effect correlation suggested by Hui

(3.45)

where z and k;, denote the monomer conversion and the termination rate



Due to the density difference between polymer and monomer, the reaction
volume of the polymerizing medium changes during the polymerization. Thus,

the rate of volume change is described by the following equation:

1dv . € dM

vdt _(Mo+eM) dt

(3.46)

where, M, is the initial concentration of monomer and e the volume contrac-
tion factor defined by:
Veg=1 — VUz=0

e = 2=t Tz=0 (3.47)

V=0
With the kinetic scheme proposed above, one can derive the rate expres-

sions for various reaction steps as follows:

For initiator and primary radicals:

1d

Ed_t(h)):—(kd" + kg )1 (3.48)
1d
l—)a(RAU):fAkdBI—deRA—k,‘RA]\/I (3.49)
1d ]
;5(331’) = fBka I — kay R — kiRpM (3.50)
1d

;a—t—(Rv) = fR(k'dB + de )I+ kadARA + kadBRB — kiRM

+ fRéa, (Q+ U +V +2U")

+ frkdy (S +V + W 42V (3.51)

1 d ,
——(R'v) = frrkg,Ra + frkay Rp — 2k; R' M (3.
dv dt

(14
o
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where fa, fB, fr and fp are the initiator efficiencies which indicate the
fraction of primary radicals (R4, Rp, R and R', respectively) involved in chain
initiation. It is assumed that the initiator efficiencies are constant during the

course of polymerization.

For growing polymers:
;Zi—t-(Plv) =2kq,, M° + k;RM + kg, Uy + ka, V1 — kpMpl
+kim(P~Pr+Q+S+2T+2TY)
- kP (P+Q+S+2T) (3.53)
1d
th-(PnU) = delTn + kdBVn + kpM(Pn._l - Pn)
+ kfmM(2T, — Pp) — ktPo(P +Q + S+ 2T)
n—1
+2k > PoomTm (n>2) (3.54)
m=1
1d
;ZE(QW) =k RaM — kg, Q1 —kp,MQy — kMG,
— kQi(P+Q+ S +27) (3.55)
1d - , ,
;E(an) = _deQn + kd}; LVn + deA Un + kpAI(Qn_l — Qn)
—kmMQ, — ki Qn(P +Q+ S+ 2T)
n-—1
+ 2k ) Qn-mTm (n>2) (3.56)
m=1
1d
;E(SIU) =kiRpM — kqpy S1 — kpMSy — kM S,

— £ Si(P +Q + S +2T) (3.57)
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1d
_E(S"v) = —kigSn + ka,Wn +2kq, Vo + b, M(Sp_y — Sp)
—kfmMSy —kSp(P+Q+ S+ 27T)
+ 2k Y SnemTm (n>2) (3.58)
1d ,
—&;(Tlv) = 2k,R M+ deQl + kstl - 2]{,‘],]\/IT1 - Qk‘meTl
-2k (P+Q+S+2T) (3.59)
1d
;a(Tnv) =ka,Qn+ kaySn + 2k, M(Tpoq — T))
— 2k MT, — 2k;T(P + Q + S + 2T)

+ 2k Y ToemTm (n>2) (3.60)

For monomers and dead polymers:

1d

——(Mv) = =k, M(P +Q + 5 +2T) (3.61)
1d
= —(Myv) = ko MPy + o kt Z Pr—mPum (n >2) (3.62)

For temporarily inactive polymers:

1d

Zd—(Ulv) = —ka,Up + kpm MQ, (3.63)
1d(U kg Un+ kmMQ, + & nz_:lp Q (n >2)(3.64)
, ! X O > 9) (3.
dv dt 1) dal¥n fm n tm:1 n
1d .
;%(Vm = —kapy Vi + kfmMS; (3.65)
1d il
= (Vav) = —kay Vo + b pm MSn + ko > PimSm  (n>2) (3.66)
m=1
li(W v) = —(kq, + kay )W + ke ni QremSm (n>2) (3.67)
v dt A B/omm — -
Ld (Ulv) = —2ka UL + = k ZQ Q (n>2) (3.68)
Ud A t n—m m -~ .
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n-—1
1d ., o1
' = -2 = n—mvYm >
~ 2 (Viv) = —2ka Vi + 5k m§=1 SumS (n>2)

(3.69)

where P, Q, S, T, U, V, W, U' and V' are the total concentrations of the

corresponding polymeric species, i.e.,

P:ZP'” Q:ZQna S:ZSM
n=1 n=1 n=1
TziTn, U=f:Un, V:iVn,
n=1 =1 n=1

W= iWn, U= iU;, vi=>"V;
n=2 n=2

(3.70)

In order to compute the molecular weight averages of the polymers, molec-

ular weight moments are used:

Aep =) nfen [E=PQSTUV{ =1;WU. V(=
=J

M\ = i n*fM,
n=2

))(3.71a)

(3.71b)

where ¢ ; and A\¢ denote the k-th moment of polymeric species € and dead

polymers, respectively. The overall number average chain length (Xy) and

weight average chain length (Xw ) of the resulting polymers are defined by:

Ae 1 4+ )4
A= %A’?‘ﬂi (6=PQ,5T.UV,WU V)
€€, 0
Yoere2 + A R
Xy = ‘z—fmﬁ (¢ =P,Q,ST.UV,WU V'
I 1
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The number average and weight average chain lengths of each polymeric

species are also given by:

Xye=251 Xwe = 282 i
N, Neo w,e et (3.73a)
Y A4
XN 1 Xwa = -72; (3.73b)
A AT

where

(§ = P7 Q’S7T7 U7 V? I/V7 UIVVI)

The polydispersity is a measure of molecular weight distribution broadening

and is defined by:

Xw
PD =
XN

(3.73¢)

Using the rate expressions derived above, the molecular weight moment
equations can be derived, as given in Appendix B. In solving the moment
equations, a quasi-steady state approximation is applied to the reaction rates
generating the primary radical species and the live polymeric species. The

resulting zeroth, first and second moments of live polymers are also shown in

Appendix B.

3.2.2.2. Model Simulation

The proposed kinetic model for the free radical polymerization cat-

alyzed by the unsymmetrical bifunctional initiator system has been used
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to simulate isothermal batch bulk polymerization of styrene with 4-(t-
butylperoxycarbonyl)-3- hexyl-6- [7-(t-butylperoxycarbonyl)heptyl] cyclohex-
ene as an initiator. The numerical values of the kinetic parameters used in our
simulations are listed in Table 3.3. Here, the rate constant of chain transfer
to monomer was estimated by using the least square method from the data
reported in Brandrup and Immergut (1975). Note that the decomposition
activation energies of the two peroxides (A) and (B) differ considerably. The
monofunctional initiators (M4 and Mp) shown in Table 3.3 are the hypothet-
ical ones used for the purpose of comparison with the bifunctional initiator
system.

The two principal parameters which influence the bulk polymerization
kinetics and >polymer properties for a given free radical initiator system are
the reaction temperature and the initiator concentration. Figures 3.2~3.5
show the effects of both reaction temperature and initiator concentration on
the monomer conversion and the corresponding number average chain length
(NACL) of polystyrene for various initiator systems. Note that the monofunc-
tional initiator M4 is the “slow” initiator or the “high temperature” initiator
whereas the initiator Mp is the “fast” initiator or the “low temperature” ini-
tiator. In conventional free radical polymerizations with single monofunctional
initiators (Figures 3.2 and 3.3), the higher the polymerization temperature is,
the lower the resulting polymer molecular weight becomes. Similarly as the

higher initiator concentration is used, the lower the polymer molecular
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Table 3.3 Numerical values of kinetic parameters for unsymmetrical bifunc-

tional initiators

Bifunctional Initiators:
Peroxide (A) : kq, = 1.04 x 10%%exp(-33,500/RT), sec™* *
Peroxide (B) : k4, = 8.06 x 10!3exp(-29,800/RT), sec™! *
fA:fB:fR:fR' ':.‘07*

Monofunctional Initiators:

My : kg = 1.04 x 10*%exp(-33,500/RT), sec™*

fa=07
Mpg : kg = 8.06 x 10"%exp(-29,800/RT), sec™*
fB =07

kay = 2.190 x 10%exp(-27,440/RT), (1/mol)? /sec 1
k, = 1.051 x 107exp(-7,060/RT), 1/mol.sec 1

k1o = 1.260 x 10%exp(-1,680/RT), 1/mol.sec

kfm = 7.807 x 10%exp(-12,940/RT), 1/mol.sec

ki =k

e = —0.147 §

M, = 8.728 mol/l

* Product Bulletin Peroxiesters (1983)
i Hui and Hamielec (1972).

T Brandrup and Immergut (1989)

§ Arai et al. (1989)
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weight becomes. When the monofunctional initiators are used, the monomer
conversion and the molecular weight of polymers are influenced by the ther-
mal stability of the peroxides. When the more stable initiator (M4) is used,
higher polymer molecular weight can be obtained than when the less stable
initiator (Mp) is used but at lower polymerization rate as shown in Figures
3.2 and 3.3. As shown in Figure 3.4, the mixed initiator system of these two
monofunctional initiators bears the advantages of each monofunctional initia-
tor. For instance, the resulting molecular weight is higher than that obtained
by the less stable initiator (Mp) alone and the monomer conversion is higher
than that by the more stable initiator (M4) alone. The qualitative effects of
temperature and initiator concentration on the monomer conversion and the
corresponding molecular weight of polymers for the mixed initiator system are

similar to those of the monofunctional initiators.

The effect of unsymmetrical bifunctional initiator is shown in Figure 3.5.
At relatively high initiator concentration (e.g., I, = 0.015 mol/l), the profiles
of the monomer conversion and the NACL are almost the same as those ob-
tained by the mixed initiator system. AHowever, as the initiator concentration
is lower, the dramatic effect of the bifunctional initiator becomes quite clear.
Note that high molecular weight and high reaction rate are simultaneously ob-
tained by the use of unsymmetrical bifunctional initiators. Moreover, higher
molecular weight is obtained at higher reaction temperature as the monomer

conversion increases. Such phenomenon is not observed when single mono-
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functional initiator system is employed. Figure 3.6 shows the contours of the
reaction temperature and the reaction time on the monomer conversion-NACL
plane for the isothermal bulk styrene polymerization with various initiator sys-
tems at fixed initial peroxide concentrations. As illustrated in Figure 3.5 and
3.6d, both high NACL and high monomer conversion are obtainable most
effectively (e.g., at reduced reaction time) by using the unsymmetrical bifunc-
tional initiators. Figure 3.6 clearly indicates that the use of unsymmetrical
bifunctional initiators can broaden the range of reactor operation in produc-
ing the polymers of varying grade more effectively than the polymerization
systems employing single or mixed monofunctional initiators.

Figure 3.7 illustrates the variations in peroxide concentration for both the
bifunctional initiator system and the mixed initiator system at three different
temperatures. When the mixed initiator system is used under isothermal re-
action conditions, the decomposition of the peroxides depends on the primary
initiator concentrations. The presence of the two initiators simply alters the
primary radical concentrations in accordance with their thermal decomposi-
tion characteristics without any mutual interactions. As a result, the conver-
sion of peroxide groups follows simple first order kinetics. In the bifunctional
initiator system, however, the lifetime of the peroxide (A) and (B) which are
distributed in the primary initiator and various polymeric species is greatly
affected by the reaction conditions and the polymer composition distribution.

Since considerable amounts of undecomposed peroxides (A) and
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(B) are present in various polymeric species and their decomposition rates
are dependent upon the concentrations of those polymeric species (cf. Egs.
(3.52)~(3.65)), the lifetime of the peroxides (A) and (B) are extended accord-
ingly.

Figures 3.8 and 3.9 show the weight fractions and the corresponding NA-
CLs of various live, dead and inactive polymers for I, = 0.005 mol/l at two
different temperatures. Note that in both cases the concentration of diradical
species T}, is extremely low. Concentrations of P,, ), and S,-type live poly-
mers are also considerably lower than those of inactive polymeric species. The
NACL of diradical polymeric species T}, is the largest of all active and inactive
polymeric species due to its dual functionality. Those live diradical polymeric
species are quickly engaged in combination terminations and their contribu-
tions to overall polymer molecular weight are negligible due to their extremely
low concentrations in the reaction mixture. As the polymerization tempera-
ture is increased, the concentrations of inactive polymeric species containing
undecomposed peroxides (eg. Up, Vo, Wy, U}, and V,,) decrease with time due
to the additional decomposition of both peroxides (A) and (B). Recall that
the polymeric species U,, W,, and U], carry more stable undecomposed per-
oxides (A) and V,, W,, and V]| less stable peroxides (B). The NACLs of those
inactive polymeric species are very uniform at low temperature but become
dispersed with the increase in temperature. Even though the overall NACL

of the polymer is dominated by the dead polymer Af, at high temperature
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(e.g., 110 °C), trhe polydispersity of the polymer is affected by the dispersed
NACLs of inactive polymeric species as shown in Figure 3.10.

The simulation results of the free radical styrene polymerization with dif-
ferent types of initiators presented in this chapter suggest that the use of the
unsymmetrical bifunctional initiators enables one to achieve high monomer
conversion and high molecular weight simultaneously by operating the poly-
merization reactors in an optimal manner. For instance, non-isothermal reac-
tor operations will be advantageous with such bifunctional initiators in reduc-
ing the batch time and obtaining polymers of desired high molecular weight

and monomer conversion.

3.2.2.3. Experimental Model Validation

The kinetic model for styrene polymerization with the unsymmetrical
bifunctional initiators derived in the previous section has been examined ex-
perimentally. Polymerization experiments were carried out by Wenru Liang, a
visiting professor in our laboratory, using pyrex test tubes under nitrogen at-
mosphere. Styrene (Aldrich) was purified with Amberlyst resins (Rohm and
Hass). The bifunctional initiator 4-(t-butylperoxycarbonyl-3- hexyl-6-[7-(t-
butylperoxycarbonyl) heptyl]cvclohexene (Pennwalt-Lucidol Co.) was used as
supplied. The polymer samples were dissolved in benzene and precipitated by
adding excess methanol. This procedure was repeated several times to ensure

that unreacted monomer was completely extracted from the polymer.
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The samples were dried in vacuo and the monomer conversion was measured by
gravimetric method. The experiments were duplicated and the reproducibili-
ties of the experimental data were excellent. The molecular weight and molec-
ular weight distribution of polystyrene were determined by gel permeation
chromatography with four Ultrastyragel columns (Waters) and tetrahydrofu-
ran (THF) as a solvent.

Effect of Polymerization Temperature. A first set of experimen-
tal runs has been made with an initiator concentration of I,=0.0042 mol/l
at four different temperatures, u.e., 80, 90, 100, 110 °C. Figure 3.11 shows
the effect of reaction temperature on monomer conversion. The solid lines
represent the model simulations obtained with kinetic parameters given in
Table 3.3. In the model, identical initiating efficiencies for the two peroxide
groups were assumed. Note that as the reaction temperature increases, an
apparent break begins to appear on the monomer conversion curve (e.g., at
about 35% conversion at 110 °C). Similar phenomenon has also been observed
in the styrene polymerization initiated by polyfunctional initiators [Prisyazh-
nyuk and Ivanchev (1970), Ivanchev and Zherebin (1974)]. In general, the
greater the dissimilarity in the thermal stabilities of the peroxide groups, the
more pronounced is the break on the monomer conversion curves. Figure 3.12
shows the model simulations of the variation in the total concentration of un-

decomposed peroxides (A) and (B) in the reaction mixture at four different

temperatures (C;= [-00-] 4/[-00-] 4, or C;= [-00-]p/[-00-]B,,). One can
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notice that the apparent break on the monomer conversion curve at 110 °C
as shown in Figure 3.11 is caused by the disappearance of less stable peroxide
(B) and the continuation of the polymerization by the radicals generated from
the slowly decomposing peroxide (A). The effect of reaction temperature was
also examined at higher initiator concentration (I,=0.0084 mol/1) and the
resulting kinetic curves are shown in Figure 3.13. Again, apparent breaks on
the monomer conversion curves appear at high reaction temperatures.

Figure 3.14 shows the number average degree of polymerization (X,)
and the weight average degree of polymerization (X, ) at different polymer-
ization temperatures with [,=0.0042 mol/l. When styrene polymerization
was catalyzed by oligoperoxide initiator having 18 peroxides in a molecule,
Ivanchev and Zherebin (1974) observed bimodal molecular weight distribu-
‘ tion (MWD) curves. However, in our study of the styrene polymerization
catalyzed by the unsymmetrical bifunctional initiator, no bimodality was ob-
served in the MWD. The observed polydispersity values (X,,/X,) are in the
range of 2.0~2.7. Although the predicted molecular weights are slightly higher
than the experimental data at 100 and 110 °C, the overall model predictions
of the molecular weight are quite satisfactory.

The experimental results shown in Figures 3.11 and 3.14 are rearranged
in the number average chain length of the polymer (X, )J-monomer conversion
(z1) plane in Figure 3.15. It is clearly seen that the molecular weight of

polystyrene can be increased at high reaction rates by using high
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polymerization temperature. The high molecular weight obtained at high
temperature is due to the initiation of peroxides on the polymer chain ends
followed by chain propagation reactions. In free radical polymerization of
vinyl monomers with conventional monofunctional initiators, any attempt
(e.g., high reaction temperature) to increase the polymerization rate leads
to the decreased polymer molecular weight. Thus, the polymerization charac-
teristics observed for the bifunctional initiator system suggests that one can
achieve both high polymerization rate and high molecular weight simultane-
ously by using the bifunctional initiators. Moreover, better polymerization
performance may be obtainable by employing nonisothermal polymerization
policies. For example, dead-end polymerization which frequently occurs when
high temperature is used in orcier to increase the reaction rate can be avoided
by using the bifunctional initiators having both “slowly” decomposing and
“rapidly” decomposing labile groups. The decomposition rates of these labile
groups can be controlled in an optimal manner by operating the reactor at
different temperature levels. As a result, batch styrene polymerization can
be improved with the bifunctional initiator. For example, the total batch re-
action time can be reduced and the residual peroxide concentration can be
minimized by employing the optimal temperature policies.

Composition of Polymerization Mixture Figure 3.16 shows the
model simulations of the concentration profiles of various polymeric species

and their number average chain lengths (NACL) during the polymerization.
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’

Here, f, i is the weight fraction of the polymer species 1. As expected, the
diradical polymeric species (T, ) has the longest polymer chain and, in general,
live polymeric species (Py, @y, Sp) have higher molecular weights than those
of inactive (Uy, V,, Wy, U], V,) and dead polymers (M, ). However, the
concentrations of those live polymeric species are very low (see Figure 3.16a)
and their contributions to the overall molecular weight are negligible. Figure
3.17 shows the similar diagrams for low temperature (80 °C) polymerization.
Polymers such as U,, and U,, containing undecomposed peroxides will be use-
ful to produce block copolymers by adding other monomers to the reaction
mixture and inducing the decomposition of the undecomposed peroxides (A)
attached to the polystyrene chain ends. The concentration of undecomposed
peroxides (A) and (B) in the polymers at four different reaction temperatures
have been computed with the model and are shown in Figure 3.18 as functions
of monomer conversion and number average polymer chain length. Here, C; 4
[C;,B] denotes the mole ratio of undecomposed peroxide groups (A) [(B)] to
the total peroxide groups present at the beginning. Note that the amount of
less stable peroxide (B) is quite small even in the low conversion regime (cf.
Figure 2.18b), indicating that the chain propagation is due mainly to the pri-
mary radicals generated by the cleavage of O-O linkage in the peroxide (B) of
the primary initiator. As the monomer conversion increases, the total amount

of undecomposed peroxide (A) in the polymer increases and then gradually

decreases with further increase in monomer conversion as those peroxides (A)
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attached to the polymers decompose. The concentration of the peroxide (A)
in the polymer at 110 °C reaches its maximum when the degree of polymeriza-
tion reaches about 900. The monomer conversion and the average molecular
weight which yield the maximum concentrations of undecomposed peroxides
(A) and (B) in the polymer decrease as the reaction temperature is increased.
Figure 3.18a’ and 3.18b’ also show that the peroxide group concentration dis-
tribution in the polymer becomes narrower as the polymerization temperature
is increased.

Figure 3.19 illustrates the average number of O-O groups per polymer
chain of average length X, for given values of monomer conversion (4=
[-O0-]4/[polymer], Bp= [-OO-]p/[polymer]). For the slowly decomposing
peroxide (A), the number of O-O groups per polymer chain becomes about
0.80~0.85 immediately after the commencement of polymerization and this
value decreases gradually with monomer conversion. Note that during the
early reaction period, more O-O groups are present in the polymer at higher
temperatures; however, as the reaction proceeds, the peroxides in the polymer
decompose more rapidly at higher reaction temperatures. The maximum num-
ber of less stable peroxide (B) in the polymer chain is only about 0.055~0.080
(Figure 3.19b). This low concentration of peroxide (B) in the polymer chain
ends is due to the rapid decomposition of the peroxide (B). The results shown
in Figures 3.18 and 3.19 will be very useful when one wants to find proper

reaction conditions with the bifunctional initiator for block copolymerization.
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For example, such information as shown in Figures 3.18 and 3.19 will allow one
to determine the reaction conditions required to obtain the polymers having

desired amounts of undecomposed peroxides and the desired size of polystyrene

blocks.

Initiator Efficiency In predicting the polymerization behavior with
the kinetic model, many factors influence the quality of quantitative model
predictions. Among these factors, the kinetic parameters (rate constants)
are the most important. For the simulation of the kinetic model, accurate
rate parameters and initiator efficiency factor (f;) must be used. Although
styrene polymerization has been studied extensively by numerous researchers
in the past, there still exists some inconsistency in the numerical values of the
kinetic parameters reported in the literature. The rate constants (e.g., prop-
agation, termination, chain transfer reactions) used in our model simulations
were obtained mostly from the Polymer Handbook [Brandrup and Immergut
(1979)] and the initiator decomposition rate constants were provided by the
initiator supplier (Pennwalt-Lucidol Co.). The selected rate parameters have
been tested on the bulk styrene polymerization initiated by a monofunctional
initiator, t-butyl perbenzoate. The experimental conditions (e.g., initiator
concentration and reaction temperature) used were similar to those of bifunc-
tional initiator catalyzed polymerization. It was found that the experimental
data (monomer conversion and polymer molecular weight) for this tert-butyl

perbenzoate system agree very well with the predictions by the kinetic model
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developed for monofunctional initiator systems. This test result indicates that
the rate constants we used for the simulation of bifunctional initiator catalyzed

styrene polymerization are quite accurate.

Unfortunately, however, the exact value of the initiator efficiency factor,
which is defined as the fraction of primary radical species which successfully
initiate the chain propagation, was unknown for the bifunctional initiator used
in our study. Due to the complexity of the polymerization kinetics, it is not
feasible to derive from the kinetic model a closed form of test equation re-
quired for the estimation of the initiator efficiency factor with experimental
data. Therefore, we used the optimal parameter estimation technique in or-
der to determine the initiator efficiency factor for the bifunctional initiator.
Theoretically, the two peroxide groups in the initiator [(A) and (B)] may have
different initiating efficiencies; however, we assumed that the efficiencies of
these peroxides were identical. The induced decomposition reaction was not
included in our kinetic scheme described earlier in this paper. Therefore, the
initiator efficiency estimated by the optimal search will be an apparent (or
overall) initiator efficiency. Using the experimental conversion data obtained
at 80~110 °C with an initiator concentration of 0.0042 mol/l, we obtained
the efliciency factor of 0.53 . The method used was the Rosenbrock’s direct
search method [Rosenbrock (1960)]. With this initiator efficiency factor, very
satisfactory model predictions were obtained as shown in Figure 3.11. The

optimally estimated initiator efficiency factor was further assessed as follows.
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As shown in Figure 3.12, the peroxide (B) decomposes much faster than the
peroxide (A). Thus, we may assume that during the initial short reaction pe-
riod, the monomer conversion is due mainly to the radicals generated by the
decomposition of the peroxide (B). In other words, we can estimate the ini-
tiator efficiency factor by using the initial polymerization rate which can be
estimated by extrapolating the polymerization rate to time zero. For this pur-
pose, we used the kinetic model for monofunctional initiators in this short time
period. The following equation was used to estimate the initiator efficiency

factor f;:

9. 3
Ryo|=— aM = kM, 2fikay 15,0 (3.74)
’ dt /,_o ks

where R, , is the initial polymerization rate, M, the initial monomer concen-
tration, and /g, the initial concentration of peroxide (B). Figure 3.20 shows
the test of this equation. Note that a straight line passing through the origin
is obtained. From the slope of this line, the initiator efficiency factor has been
found to be 0.562 which is very similar to the value estimated by the optimal
search technique (0.53). It is also interesting to observe that the initiator effi-
ciency obtained for the unsymmetrical bifunctional initiator is somewhat lower
than that for many monofunctional initiators (e.g., 0.6~0.8). Low overall ini-
tiator efficiency factor has also been observed for many other multifunctional
initiator systems reported in the literature [Ivanchev and Zherebin ( 1974),

Vuillemenot et al. (1965)]. In general, the initiator efficiency decreases with
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an increase in the number of labile functional groups in the initiator molecule.

Interestingly, it has also been observed that when this optimally estimated
initiator efficiency factor (0.53) was used for the polymerization simulations
at higher initiator concentrations (e.g., 0.0084 and 0.0126 mol/l), significant
deviation from the experimental conversion data has occurred. Figure 3.21
illustrates this point. In particular, the deviation becomes larger at high ini-
tiator concentrations as the monomer conversion increases. Therefore, it was
decided to estimate the initiator efficiency factors using the experimental data
for different initiator concentrations. It has been found that the optimally es-
timated initiator efficiency factors for I,=0.0084 mol/! and 0.0126 mol/l were
0.46 and 0.37, respectively. These values are substantially lower than the efhi-
ciency factor (0.53) obtained at lower initiator concentration (z.e., I,=0.0042
mol/l). When these new initiator efficiency factors are used in the model
simulations for higher initiator concentration cases, very accurate predictions
of monomer conversion are obtained (e.g., Figure 3.13). It is also observed
that the initiator efficiency factor decreases linearly with the initiator concen-
tration as illustrated in Figure 3.22. This anomalous behavior suggests that
the initiating efficiency of the two peroxide groups may not be identical. It 1s
also probable that some reactions not considered in our model, e.g., primary
radical termination and induced decomposition, may become important as the

monomer conversion increases at high initiator concentrations.
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Figure 3.22 Effect of initiator concentration on the initiator efficiency fac-
tor, 100 °C.
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3.3. Steady State Behavior of a CSTR

3.3.1. Reactor Model

For free radical homopolymerization of styrene with symmetrical bifunec-
tional initiator (§3.2.1), mass and energy balances of a continuous stirred tank

reactor of volume V' are represented by the following equations:

V i;::f =q(Mp—M)—-VEk,M(P+Q+295) (3.75)
dI -
E{;:q(]’f—f)—gyrkdlf (3.76)
dT )

pcpvw = pCpq(Ty —T)+ V(—AH )k M(P 4+ Q + 25)
— hA(T - 1T,) (3.77)

Here, M is the monomer concentration, I the initiator concentration, and
T the reactor temperature. ¢ denotes the volumetric flow rate of feed and
product streams, h. the effective heat transfer coefficient and 7T, the coolant
temperature. Physical properties of the polymer mixture (e.g. p, C)) are
assumed constant. In this model, the effects of thermal initiation and depoly-
merization which may occur at very high temperatures are ignored. Due to
the presence of active polymeric species (P, @, S,) and inactive polymeric

species (T, Z,, My), the above nonlinear modeling equations become quite

complicated.
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The moment equations for inactive polymers (species M,, T, and Z,)

take the following form:

N
dt!
dxd
dt!
By
dt'
dAr,0
dt’
dA1 1
At
dAT 2
dt!
dAzo
dt!
dAzq
dt!

dzs

dt’

_% Y %kt A2, (3.78a)
—%A;’ +kApodps (3.78b)
M kO podpa + M) (3.78¢)
_EAT,O + lkw\%,o — 2kaa AT 0 (3.79q)
g 5
_%)\T,l + kiAQorQa — 2kaa AT (3.790)
—%/\T,Z + ki(Agros + Ah1) — 2kas s (3.79¢)
_%/\Z,O + ktApoAQ,o — ka2 Az, (3.80a)
—3hza + k(ApgAan + Aridgo) — kandzs (3.800)

6

1
—2Azz + k(ApoAg2 + 2 Ap1Aga + Ap2Ag0) — ka2 )z £3.80c)

The number average polymer chain length (Xn) and the weight average

chain length (X ) are defined by

AN

XVV =

_ Ari+Ag1+Asa +Ara + Aza + )\i'l
- Aro+ A0 + Aso + AT+ Azo + Ag‘
_Apa+AgatAsatAre+ Az + A
AP+ 201 +As1+ A1+ Az + A¢

(3.81a)

(3.81b)

where A; i represents the k-th moment of polymeric species j. The polydisper-

sity index (PD) is a measure of molecular weight distribution broadening and
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1s defined by the ratio of Xy to Xn. The moment equations (3.78)~(3.81)
are solved simultaneously with reactor modeling equations.

The modeling equations are reduced to dimensionless form by using the

following dimensionless variables and parameters:

. My -M Ip—1 . T-1T¢

X = —L "~ Xy = X3 = )
1 A[f 3 2 If ) 3 Tf

Y - P+@Q+2S o= h:Ac _ (—AHr)]\fj_
P (P+Q+29)y° — pCVR(Ty) pCpTy

Ep Ed} Tc - T
= —_. 2 = ——’ (5 et N : . 2
v RT, Re! RT; T, (3.82)
' 2k
Da = 6x(Ty), t= e K= ;(—;;1;%
where

£(Ty) = kpo(P + Q + 25)fexp(§;,%f>

The subscript f denotes the feed condition and (P + ) + 25)¢ is the total
concentration of live polymers in the reactor at the feed temperature and con-
centration conditions. Then, the following dimensionless modeling equations

are obtained:

d_Yl - o - ’7‘.&'3 r
prale - X1 + Da(l — X)X, exp [Wl T XJ (3.83)
dXs . . . 22!
e X — X5 )exp | —— 3.
pm X, + K Da(1 Xg)exp[ ] +XJ (3.54)
dX; . - dXy « .
= —X X - X3 — 4 3.85
= X3 + 80X+ ——) aDa(X3 — 46) (3.85)
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Note that « refers to the dimensionless heat transfer coeflicient, 8 the dimen-
sionless heat of reaction, and Da the dimensionless mean residence time which
can be changed experimentally by varying the reactant flow rate. Because
of the high degree of nonlinearity and interaction in the modeling equations,
some care must be taken in obtaining the steady state solutions. At steady
state, the LHS of the modeling equations (3.83)~(3.85) vanish and the steady

state solutions are computed by the following procedure.

(i) For fixed value of Da and 3, use eqgs (3.84) and (3.85) to obtain:

. _ I\’DanP["l-:,l 35] (3.86)
A2g = 1+ I\’Danp[“ l+7)1<3s] |
' BX1s +aDab
Xzs = ———F— |
; SRR (3.87)

where subscript s denotes the steady state condition.

(i1) The dimensionless total live polymer concentration (X, ) is computed by
solving the following equations which are from the steady state zeroth

moment equations of P, ) and S

a1 —az2(P+ Q)P + (a3 + a4Q + as P)Q = 0 (3.88)
Q= s [a2P — a3 + {(azP + as)? + dara(az — a)}}] (3.89)
._,(GQ ~—a4)
S=-3(P+ Q) +3(P+QP +22)Q) (3.90)
Z Z 2

where
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ai; = fikarolp(1 — X2)exp[— e I,

1+ X,
az; = ktogtexp[—l ths ], asz = ]\fdQOCXP[— 1 —:{X'g]
_ azasf _ 2aqa36
M T 20,00 S L
_Ey Ear
Tt = ﬁ; Y4 = RTf

(iii) Substitute the results of steps (i) and (ii) into Eq. (3.83) and solve the

resulting nonlinear equation for the monomer conversion for 0 < X; < 1:

73
1+ X5

F(X1,Da,p) =—-X; + Da(1l — X;)Xexp( )=10 (3.91)

(iv) Vary Da and repeat steps (i), (ii) and (iii).

This procedure guarantees that all solutions are found for all admissible
values of Da. The mathematical expressions of steady state polymer moments
are given in Appendix C. The numerical values of physical constants, kinetic
parameters and standard reactor operating conditions are listed in Table 3.4.
Note that the monofunctional initiators (Al and A2) are hypothetical ones
used for the purpose of comparison with the bifunctional initiator system.
The behavior of the monofunctional initiator A2 is similar to that of popular

azobisisobutyronitrile (AIBN).

3.3.2. Steady State Behavior

The principal parameters which influence the behavior of the continuous
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Table 3.4 Numerical values of kinetic parameters for symmetrical bifunc-

tional initiators and standard operating conditions

Bifunctional initiator:
k41=8.90 x 10*%exp(-23,473/RT), sec™! *
ka2=>5.59 x 10'*exp(-30,387/RT), sec™! *
£i=023 (i=1,2)*

Monofunctional initiators:

(A1) kg=8.90 x 10'%exp(-23,473/RT), sec™!
£=0.23

(A2) k4=5.59 x 10'*exp(-30,387/RT), sec—1
£=0.23

kp=1.051 x 107exp(-7,060/RT), 1/mol.sec {
kt=1.255 x 10%exp(-1,680/RT), 1/mol.sec {
(-AH,)=16.2 Kcal/mol {

pCp=0.4 Kcal/I°K {

Ty=300 °K, T, =303 °K, I7=0.05 mol/I
fs=0.0~1.0, a=0~100

* Prisyazhnyuk and Ivanchev (1979)
T Brandrup and Immergut (1989)
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styrene solution polymerization reactors are Da (or 8), «, 3 (or fs), v, 1 and 6.
For given values of the system parameters the steady states may be calculated
by solving the steady state nonlinear equations (3.83)~(3.85). In practical
situations, one is often interested in knowing the steady state multiplicity
pattern existing for a given set of system parameters. With parameters ¢,
Ty and Iy held fixed, the diagram showing the steady state behavior of the
reactor has been constructed by using the singularity theory (§2.4.1). Figure
3.23 is a such diagram in «-f plane for the bifunctional initiator system. Note

that five unique regions of steady state behavior are identified:

Region I :  Unique steady state

Region IT:  Multiple steady state (S-shape curve)

Region III:  Isola and unique steady state

Region IV:  Isola and multiple steady state (S-shape curve)

Region V:  Mushroom

Here, I'y (I'z) represents the hysteresis (isola) variety which defines the param-
eter space at which a continuous change of the parameter causes the appear-
ance or disappearance of hysteresis (isola) type multiplicity. The criteria for
both varieties are given in eqs (2.45)~(2.48). In regions III and IV, isolated
branches (isola) are observed. The isola cannot be obtained by simply varying

the reactor residence time and a epecial eontrol scheme i required

195



1.25 -
inadequate for CSTR model

0.0

1.00}— Xq X1 r
2

0.75
B s
0.50
0.25
0.00 | 1 I I 1.0
0 20 40 60 80 100
a
0.480
0.424
@ r.”) P
I v 2 0.470
15.0 15.6
0.423
B a
i 0.780
r '
0.422 I !
s 1o 11 2 B
a
0.770
45.0 47.0
a
Figure 3.23 Steady state behavior regions for styrene polymerization in a

CSTR with bifunctional initiator. 6=0.01, Iyg=0.025 mol/l.
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to operate the reactor at such steady state conditions. Since regions IV and
V are so small, it will be practically very difficult to confirm these tiny re-
gions experimentally. This means that most of the reactor behavior will be
represented by region I, I1 and III for practical operating conditions. It is also
interesting to observe that unique steady state behavior is never expected in
bulk free radical polymerization reactors (i.e., fs = 0.0). For adiabatic poly-
merization (i.e., « = 0.0), only type I and II steady state profiles will appear.
Figures 3.24 and 3.25 show the similar steady state behavior for the mono-
functional initiator systems Al and A2, respectively. The overall structures
of the steady state behavior regions for the bifunctional initiator system and
for the monofunctional initiator systems are quite similar. The concentration
of peroxide groups in the initiator feed stream is held fixed at the same value
for all cases, i.e., Iyp = -;—IfAl = -;—IfAz.

The steady state profiles of the reactor state variables (z.e., X;: monomer
conversion, X: initiator conversion, T: reactor temperature) are illustrated

in Figure 3.26 for these three different initiator systems:

Monofunctional initiator (Al):
kg = 8.90 x 10'%xp(-23,473/RT), sec™!
If41 = 0.05 mol/l

Monofunctional initiator (A2):

kg = 5.59 x 10'*exp(-30,387/RT), sec™*
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Iz = 0.05 mol/l

Bifunctional initiator (B):

ka1 = 8.90 x 101%xp(-23,473/RT), sec™!
- kg2 = 5.59 x 10'exp(-30,387/RT), sec™!

I;p = 0.025 mol/l

Note that the steady state profiles of X7, X, and T for the bifunctional ini-
tiator (B) are approximately in the middle of those for the two monofunctional
initiator systems. However, the molecular weight properties such as number
average chain length (X ) and polydispersity (X /X ) for the bifunctional
initiator system are quite different from those for the monofunctional initiator
systems as shown in Figure 3.27. At high monomer conversions, the bifunc-
tional initiator system produces polymers of significantly higher molecular
weight than those obtained by the monofunctional initiators. The polydisper-
sity is slightly higher for the bifunctional initiator system than for the mono-
functional initiator systems due to the presence of various polymeric species
of different chain lengths. The variations of Xy with steady state tempera-
ture and monomer conversion are more clearly illustrated in Figure 3.28. The
highest conversion is obtainable by using the "slow” initiator (initiator A2)
at high temperatures and long residence time; however, both high monomer
conversion and high molecular weight of polymers are obtained by using the

bifunctional initiator (B) at shorter residence time. The high molecular weight
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obtained by use of the bifunctional initiator is due to the extended lifetime of
peroxide groups which reside in various polymeric species such as @, T, and
Zn.

Figure 3.29 illustrates the Xy of various inactive polymers and their
weight fractions in the polymer. Note that as steady state reaction tempera-
ture increases (e.g. upper solution branch, Figure 3.26), the decomposition of
the peroxide groups in T, and Z,-type polymers is increased and more P, or
Qn-type polymers are produced. When the growth of these live polymeric rad-
icals 1s terminated, polymers of much higher molecular weight are obtained.
It is also interesting to note in Figures 3.27 and 3.29 that when the concen-
trations of T}, and Z,-type polymers are low, polydispersity is lowered due to
the reduced heterogeneity of the polymer chain length distribution. The nu-
merical calculation indicates that the concentrations of live polymers (P,, @,
and Sy) are an order of magnitude lower than those of inactive polymers as
shown in Figure 3.30. This means that the overall polymer molecular weight
is determined predominantly by the dead or inactive polymers. Figure 3.29
also shows that Z,-type polymer is a predominant species when the reactor is
operated with residence time shorter than 12 hours. But the highest monomer
conversion obtainable is below 20% (Figure 3.26).

The molar concentration (C;) and the mole fraction (f,;) of undecom-
posed peroxide groups in the primary initiator and various polymeric species

are shown in Figure 3.31. In the middle steady state branch (i.e., 8 =
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2~12 hours) where the monomer conversion is about 20~70%, the undecom-
posed peroxides reside mostly in T, and Z,-type polymers. However, as
monomer conversion and reactor temperature increase (i.e., upper solution
branch), the concentrations of peroxides in those inactive polymers decrease
sharply by thermal decomposition and, as a result, the polymer molecular
weight increases. If the production of polymers containing high concentration
of peroxide is desired, the reactor should be operated at the middle steady
state. Such reactor conditions may be practically important, if free radi-
cal block copolymerization is performed in a series of CSTRs operating at
different polymerization conditions in order to minimize the formation of ho-
mopolymers. A special stabilizing control is of course required to operate the
reactor at such steady states.

The steady state reactor behavior for three different values of a (dimen-
sionless heat transfer coefficient) with the bifunctional initiator is shown in
Figures 3.32 and 3.33. As predicted in Figure 3.23, the S-shaped steady state
curves become more exaggerated as « increases for a fixed value of # and an
isola begins to appear with further increase in «. Figure 3.33 illustrates that
polymer composition also changes significantly with variation in a. Note that
the weight fractions of inactive polymers (T, Z,-type) which contain unde-

composed peroxide groups increase with « at long reactor residence time (e.g.

6 > 10 hrs.).
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3.4. Concluding Remarks

Detailed kinetic and reactor models for styrene polymerization initiated
by bifunctional initiators have been presented in this chapter. For the polymer-
ization with unsymmetrical bifunctional initiators where the chain termination
occurs via combination termination exclusively, ten distinct polymeric species
(six with symmetrical bifunctional initiators) are identified in accordance with
the nature of the polymer end units. The polymeric species carrying undecom-
posed peroxides on chain ends can reinitiate the propagation and, as a result,
overall lifetime of radicals 1s extended and the molecular weight of polymer can
be significantly increased. Compared with monofunctional initiator systems or
mixture of them, the bifunctional initiators provide higher monomer conver-
sion and polymers of higher molecular weight simultaneously due to unequal
thermal stabilities of peroxide groups. The effect of the bifunctional initiator
i1s more pronounced at high reaction temperature and low initiator concen-
tration. The proposed model for the unsymmetrical bifunctional initiators
has been validated experimentally using 4-(t-butylperoxycarbonyl-3- hexyl-
6-[7- (t-butylperoxycarbonyl) heptyl]cyclohexene. These model simulations
suggest that the use of bifunctional initiators will provide a new opportunity
to polymerization reaction engineers for improving the polymer productivity
and controlling the polymer molecular weight properties more efficiently than

the use of conventional monofunctional initiators. It is also shown that CSTRs
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can be used to produce reactive polymers containing undecomposed peroxide

groups.
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3.5. Notation

A.  heat transfer area (cm?)

C,  heat capacity of reaction mixture (cal/mol°K)
Da Damkohler number (-)

E;  decomposition activation energy (cal/mol)

E, activation energy of propagation (cal/mol)

fi initiator efficiency (:=A,B,R,R’,1,2)

fs solvent volume fraction (-)

gt gel effect correlation factor

I; initiator concentration, mol/l (:=A,B)

ks,  decomposition rate constant of peroxide group 7, sec™! (7=A B.1,2)
k;  initiation rate constant (1/mol.sec)

kq,, thermal initiation rate constant, 1?/mol?.sec

k,  propagation rate constant, 1/mol.sec

kfm chain transfer rate constant, 1/mol.sec

ky termination rate constant, l/mol.sec

ki,  termination rate constant at zero monomer conversion, 1/mol.sec
M monomer concentration, mol/l

My  feed monomer concentration (mol/l)

M, initial concentration of monomer, mol/l

PD polydispersity of polymer
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g volumetric feed flow rate (1/sec)

t dimensionless time (-)

t! time (sec)

V  reactor volumer (cm?)

v volume of reaction medium, 1

X1 monomer conversion (-)

X,  initiator conversion (-)

X3  dimensionless temperature (-)

X, dimensionless total live polymer concentration (-)
T monomer conversion

XN number average chain length of polymer

Xw weight average chain length of polymer

Greek Letters

o dimensionless heat transfer coefficient (-)

B dimensionless heat of reaction (-)

v dimensionless propagation activatin energy(-)

71 dimensionless decomposition activatin energy (-)
$ dimensionless coolant temperature ()

p density of reaction mixture (mol/l)

€ volume contraction factor

A¢,k k-th moment of polymeric spcies £
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Y

Ak

k-th moment of dead polymer

k-th moment of live polymer



Chapter 4

Heat Transfer and Impurity Effects

in Continuous Polymerization Pro-
cesses

4.1. Introduction

In modeling styrene solution polymerization reactors for the analysis of
reactor dynamics in the previous chapters, perfect backmixing and constant
wall heat transfer were assumed. However, in reality, as monomer conversion
increases the wall heat removal efficiency may decrease because the viscosity
of the reacting fluid increases leading to reactor fouling and poor mixing.
Recently, it was reported by Henderson (1987) for a continuous styrene thermal

polymerization reactor with a turbine agitator that the rate of heat removal
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decreases significantly as the monomer conversion exceeds 30 % and that an
increase of the viscosity can bring the agitator system to a design limit. As a
result, the reactor may exhibit potentially dangerous phenomena such as local
hot spot formation, fouling at the reactor walls and even thermal runaway.
Such problems can be partially solved by using additional heat removal devices
such as internal cooling coils, condensers and external heat exchangers with
specially designed agitators [Henderson and Cornejo (1989)].

Another factor that can affect the polymerization performance is the
presence of reactive impurities (e.g., inhibitors or retarders) in the monomer
and/or solvent. Inhibitors or retarders are often added to vinyl monomers
prior to shipping and storage to prevent a premature auto-polymerization.
Although they are present only in small amount, there is a possibility that
they can influence the reactor dynamics and resulting polymer properties.

In this chapter, these forementioned problems encountered in operating
and controlling industrial polymerization processes will be discussed through

model simulations.



4.2, Effect of Viscosity Dependent Heat Transfer

Coefficient

The reactor system considered in this study is a turbine agitated CSTR
for styrene solution polymerization with a mixture of tert-butyl perbenzoate
(TBPB) and benzoyl peroxide (BPO) as an initiator system. For this poly-
merization system, the dynamic behavior of ideal CSTR’s has been discussed
in Chapter 2. In the following, non-ideal heat transfer effects are included in

the model and the reactor dynamics are analyzed.

4.2.1. Reactor Model

In modeling the polymerization reactor with a cooling jacket, the same
assumptions used in the previous chapter (§2.2.3) are employed except that
the heat transfer coefficient is now viscosity dependent. Heat released from the
mechanical work of the agitator is assumed negligible. Thus, the structure of
the dynamic reactor modeling equations is unchanged from eqs (2.23)~(2.26);
however, the heat transfer coefficient is expressed as a function of fluid viscosity
to account for the time-varying heat transfer efficiency.

If the thermal resistance in the reactor walls is negligible, the overall heat

transfer coefficient of the reactor, k., is given by

1 1 1 ,
}L—c_}l_i_i-h_o (4.1)



where h; and h, are the inside and the outside film heat transfer coefficients of
the reactor, respectively. The outside heat transfer coefficient (h,) is assumed
constant and the inside film heat transfer coefficient (h;) is estimated from the

following empirical correlations suggested for a jacketed reactor [Rase (1977),

Henderson (1987)]:

h:D 0.14
T 0.51N§/83N}Dﬁ3<ﬁ1> for Ng. > 100 (4.2a)
! w
hz'-Dr . 0.2
— = 0.51(Ng Np,)i/? (’7—> for Npge < 100 (4.2b)

where D, is the reactor diameter and k the thermal conductivity of the react-
ing fluid. 7, 1s the viscosity of the bulk liquid phase and 7, the fluid viscosity
at the reactor wall surface. Np. is the Reynolds number and Np, the Prandtl

number defined by [Hicks et al. (1976), Dickey (1984)]:

1.66D?Np,

Npe =———t (4.3a)
nNr
01C,n,
Np, _ 001G Spn_ (4.3b)

where N is the rotational speed (rpm) of the turbine impeller, D; diameter
of the impeller, p, the fluid density and C}, the heat capacity of the reacting
fluid.

The viscosity of the reactor fluid is affected by polymer concentration

(monomer conversion ), temperature, polymer molecular weight and shear rate.
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The effect of shear thinning can be significant at high polymer concentration:
however, shear thinning effects are negligible at high temperatures [Henderson
(1987)]. Mendelson (1979, 1980) proposed the following equation for the tem-
perature dependence of the zero shear viscosity for polymer weight fraction

above (0.4:

E,[1 1 .
Mr = N200€XP [—R— (T - E?—,)] (ep, T'in °K) (4.4)

The viscosity of the polymer solution at 200 °C (7990 ) is

n200(cp) = 3.31 x 107X OTM%* (for 0.4 < X, < 1.0) (4.5a)

where, X, is the weight fraction of polymer and M,, the weight average poly-
mer molecular weight. E, in eq (4.4) is the activation energy for viscous flow

and is a function of Xp:

B, = 2300exp(2.4X,) (4.5b)

The above correlation gives unreasonably small viscosity of the polymer solu-

tion when X, is lower than 0.4. Thus, Eq. (4.4) is modified as follows to cover

the whole range of X, (0 < X, <1.0):

E, (1 1
Nr = Ns + N200€XP [f (T‘* 4—7~§>} (cp) (4.6)
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where 7, 1s the viscosity of styrene-ethyl benzene mixture at temperature T

and 7, can be estimated by using the following equation [Nishimura (1965)]:

.‘
-1
~—

2300 /1 1
ns:0.667exp[ 7 (T - %>} (cp)

Since the heat transfer resistance through the reactor walls is assumed neg-
ligibly small in the jacket, the reactor wall temperature is the same as the
coolant temperature in the jacket. The density of the polymer solution (p,)

is estimated using the following equation [Hui and Hamielec (1972)}:

pr=(1=Xp)pm + Xppp (4.8)

where p, is the density of monomer and p, the density of polymer. The

temperature dependence of pr, and p, is given by

pm = 0.924 —9.18 x 1074(T — 273.1) (4.9a)

pp = 1.0848 — 6.05 x 1074(T — 273.1) (4.95)

Since the viscosity of the reacting fluid is dependent on the polymer molec-
ular weight, polymer weight fraction and temperature, the polymer molecular
weight moment equations are now coupled with mass and energy balance
equations in the reactor model. In general. the contribution of live polymers
to the overall molecular weight is negligibly small because of their low con-

centrations. The number average and the weight polymer chain lengths are:
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Xn =M/, Xw = A2/)\1. The moment equations for dead polymer are given
by (A.1)~(A.3) in Appendix A.

With the dimensionless variables and parameters defined in Table 4.1,
the reactor modeling equations and moment equations for dead polymers are

reduced to the following dimensionless form:

%l = —X; + Da(1 - Xl)Ylexp{ 11X;(4} (4.10)
L —X2+Da<(1—X2)exp{—1j‘fX4} (4.11)
%ﬁ = —X3 4 Daln(l — X3 )exp{—l Tf& } (4.12)
%{ = X, + ﬂ(xl + %—) + Daag(Xy — 6) (4.13)
%—5 — —X; + DaY; [wloo}(l - Xl)exp{— - ij4 }

i 2]
%—6 =X (fiy) {w”(l - &)(26 - )ekp{ 1 :{h}

+ wgl}gexp{ H (4.15)
% =—-X;+ (1&_“—%5 [w12(1 Xp)(@® —3a* + 4&)exp{—1—1—1374}

+wnYa(é + 2)exp{— 1 :}4 H (4.16)

where Y, and Y3 are given by
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Table 4.1 Dimensionless variables and parameters

Xl ]uf“M X _yAfIf-IA Xg:(l_yAf')If_IB
My yarly (1 —yar)ly
. T -1Tf i Ao A N A2
.xX = ;X = ;X = N -‘XT g y
4 Tf ) 5 )\077~7 6 )\lvr )\er
i t! @, (—AH)M;
- =, t = , D = GZ, = N = -,
YAfS I; P a e 7 I°) O
Tc - Tf h;‘ kd Ed
6 - ’ = ? - = ’ = £ )
T, ey Sl Al v Ea,
kg, _ K, _Ey4, _ Egp _E
~z° 'S ®r,, VT Rrry YT Ry T RIS
_Ewm-B __E,-B By -F
Ta RT, "7 "Ry T TRI;
P = M P, = 2faka, yarly p — 2fBkap (1 —yar)ly
kZO ’ k?O : }”;0 k
ay = Fgmo o RioPy
]CpO ’ prMf7
k oMy k3o Ps .
) = L W— —_ 2
=Nk oexp(—7v)’ TNk oexp(—7)’ (for 7 =0,1.2)
Jrhp jrRp
where
hoA. vV
If=I4¢+1Ip , Qg = , = —,
! f f 0 pCpV 7

Ps = [Poexp(—7q) + Poexp(—7s) + Peexp(—ve)]' /2.

Z = kpoexp(—7)Py




y, = Lzg0 (4.17h)
Py

where, P, is the dimensionless concentration of live polymers in the reactor:

P, =P,(1—- Xl)sexp{— Ta } + Py(1 — Xg)exp{—~ L }

1+ X, 1+ X,

Ye
P(l1-X — . 4.18
+ P( 3)exp{ 1+X4} (4.18)

The probability of propagation, & is represented by the following dimensionless

form:

- ~1
. pleiel aiYy plier] 419
¢ [1+amexp(1+X4>+<1—X1>exp(1+X4>] (4.19)

where o refers to the dimensionless outside heat transfer coefficient, ¢ the
ratio of the inside heat transfer coefficient to the sum of the inside and the
outside heat transfer coefficient, 8 the dimensionless heat of reaction, and Da

the dimensionless mean residence time.

4,2.2. Reactor Dynamics

If the reactor wall heat transfer coefficient (h.) is constant, the reactor
model can be divided into two subsystems where the first subsystem (eqgs

4.10~4.13) is independent of the second subsystem (eqs 4.14~4.16). In such a
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case, the reactor dynamics can be examined using only the first subsystem, as
was done in Chapter 2. In the above reactor model, the heat transfer coeflicient
1s a function of polymer concentration, reactor temperature and the polymer
molecular weight. Therefore, a complete set of modeling equations including
the moment equations must be solved simultaneously. When k. is constant,
the steady state modeling equations (4.10~4.13) can also be reduced to a
single nonlinear equation in X; (steady state manifold) [eq (2.43)]. However,
with the above model, such a reduction of the model equations is not possible
and therefore a numerical search is required to identify the regions of steady
state multiplicity and bifurcation. For the purpose of comparison with the
case of constant heat transfer coefficient, the same numerical values of kinetic
parameters, physical constants and standard reactor operating conditions used
in Chapter 2 (Table 2.1) are used. The reactor design specifications shown
in Table 4.2 are based on the pilot plant scale reactor used by Henderson
(1987). The standard solvent (ethyl benzene) volume fraction in the feed (fy)
is 0.1 and the feed is preheated to 70 °C. Note that y45 = 0.5 is chosen as a
standard feed initiator composition and Iy = 0.025 mol/l as a standard feed
concentration of initiator mixture.

The heat transfer coefficient correlations [eqs (4.2a) and (4.2b)] are dis-
continuous at Ng, = 100 and the program AUTO used for our bifurcation
analysis cannot handle this discontinuity. And of course, h; is not actually

discontinuous. For purposes of computational convenience, h; is smoothened



Table 4.2 Reactor design specification [Henderson (1987))

Thermal conductivity of polymer:
k=4.059 x 10™* cal/sec cm °K

Reactor Design Specification:
V=271, D,=25.4 cm, D;=15.9cm,
N=600 rpm, A,=3,716 cm?, ho = 3.393 x 1072 cal/sec cm? °K,

Reference value of dead polymer moment:

Xo.r = 1.3558 x 1073, Ay = 2.1789, A2y =2.261 x 10°

bl

near Ng. = 100 into a continuous function:

hz' = = (hil — hiz)t&ﬂh{lO(ln(NRe) - 5)} + hil + h’i2 (420)

Here, hi; is h; for Ng. > 100 and hjp is h; for Ng. < 100. This smoothing
effectively interpolates the heat transfer coefficient in the range 100 < N, <
200.

The reactor operating parameters that affect the reactor dynamics are
reactor residence time (6), feed initiator composition (y.4y), feed initiator con-
centration (Iy), feed solvent volume fraction (fs), and coolant temperature

(T¢). Figures 4.1 and 4.2 show the steady state profiles of monomer
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Figure 4.1 Steady state profiles of Xy, T and X, with various y45: fs =
0.1, Iy = 0.025 mol/l, Ty = 343 °K, T, = 363 °K.
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Figure 4.2 Steady state profiles of I4, Ig and X, with various YAF:
fe = 0.1, Iy = 0.025 mol/l, Ty = 343 °K, T, = 363 °K.
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conversion (X7). reactor temperature (T'), initiator concentrations (14, Ip),
X, and X, for various feed initiator composition (y4 ) with residence time ()
as a bifurcation parameter. Solid lines and dashed lines represent stable and
unstable steady states, respectively. These bifurcation diagrams were obtained
by solving the steady state model equations using a numerical package AUTO

[Doedel (1981)].

In the analysis of reactor behavior with constant heat transfer coefficient
(§2.4), it was shown that the same reactor operating conditions give rise to
multiple steady states, isolas, Hopf bifurcations, period doublings, period dou-
bling cascades, homoclinics, etc. Surprisingly, however, as shown in Figures
4.1 and 4.2, rather simple steady state behavior is observed when the viscosity
dependent heat transfer coefficient is used in the new model. In §2.4, it was
shown that as the feed initiator feed composition varies, there was a dramatic
change in the bifurcation behavior (For example, see Figure 2.5). In contrary,
no bifurcation to periodic orbits was observed for the entire range of yay in
the present case. It is also seen that the reactor temperature at lower steady
states is almost constant for # > 0.2 hr and is independent of feed initiator
feed composition. A similar observation is also made in the upper steady state
branch. However, X, and X, values vary significantly with y4 in the lower
steady state [upper curves in Figures 4.1c and 4.2¢]. The highest polymer
molecular weight is obtained when only tert-butyl perbenzoate (slow initia-

tor) is present in the initiator feed stream. The polymer molecular weight at
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upper steady states [lower curves in Figures 4.1c and 4.2¢| is little affected
by the feed initiator composition because, as seen in Figure 4.2a and 4.2b, no
undecomposed initiators are present at high reactor temperature. The heat
transfer coeflicient (h.) changes markedly in the lower steady state branches
as illustrated in Figure 4.3a. Since both the reactor temperature and polymer
molecular weight are nearly constant for § > 0.2 hr, one can easily see that
the decrease in h. is due to the increasing polymer concentration in the reac-
tor. In the upper steady state, essentially no additional polymer production
occurs and therefore, the heat transfer coefficient remains almost constant.
Figure 4.3b shows the Npg. profiles which are qualitatively similar to that of
h.. Notice that the Reynolds numbers in the lower steady state branches [up-
per curves] are very high, suggesting that the polymer solution is very well
mixed. Even in the upper steady state [lower curves], Ng. is still above 100.

The viscosities of the polymer solution in the bulk phase (1,) and at the
reactor walls (7,,) are shown in Figures 4.4a and 4.4b. First notice that the
maximum bulk phase viscosity is about 3,000 which is lower than the viscosity
limit (5,000 cp) a turbine agitator can handle [Henderson (1987)]. At lower
steady state branches, there is little difference in the viscosity between the bulk
reacting phase and the reactor wall surface [Figures 4.4a and 4.4b]. However,
at upper steady states, 7,, is about three orders of magnitude larger than 7,,
evidently due to a huge temperature difference between the reactor and the

coolant. Omne can easily see that the high viscosity of the fluid at the reactor
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Figure 4.3 Steady state profiles of h, and Ng. with various yaf: fo =
0.1, I; = 0.025 mol/l, Ty = 343 °K. T, = 363 °K.
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Figure 4.4 Steady state profiles of 7, 0y, pr and SHP with various y 4 :
fe=0.1, Iy = 0.025 mol/1, Ty = 343 °K, T. = 363 °K.
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Table 4.3 Correlation for required shaft horsepower [Dickey (1984)]

SHP =899 x 107" f,pN*D? (hp)

for Ng. > 900

fr =10
for 900 > Ng. > 8

fy =exp|3.154 — 0.848InNpg, + 0.0565(InNge )?

for 8 > Nre > 1

fn = exp|3.649 — 0.942InNg, — 0.106(InNg.)* + 0.0448(InNg. )

for Np. <1

fo =38.4/Ng,

wall also accounts for the decreased heat transfer coefficient, as shown in
Figure 4.3a. Figure 4.4c shows the steady state shaft horsepower (SHP)
requirements calculated using the correlation suggested by Dickey (1984), as
given in Table 4.3. In the range of the reactor operating conditions employed,
the driver load is not too high to cause any operational problems.

The feed initiator composition (y45) and the feed initiator concentration

I;) are the variables that can also be manipulated by a reactor operator.
7 P
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Figures 4.5 and 4.6 show the steady state profilesof X5, [ 4, Ip, T, X,and X,
for three different residence times with y4¢ and Iy as bifurcation parameters.
In Figure 4.5, the feed initiator concentration is fixed at 0.025 mol/l. It is
interesting to observe in Figure 4.5 that no steady state (either stable or
unstable) exists to give monomer conversion in the range of 0.5~0.95 unless
very small residence timg is employed. When the initiator feed concentration
is used as a bifurcation parameter, the steady state profiles shown in Figure
4.6 are qualitatively similar to that shown in Figure 4.1. However, for very
low initiator concentration, the reactor temperatures at upper steady states
are higher and the Reynolds numbers can be much lower than 100 [Figure
4.6e]. Clearly this is due to the increased polymer molecular weight [Figure
4.6¢] at low initiator concentrations. Very poor mixing could be possible under
such reaction conditions. It is also observed that at § = 1.0 and 1.5 hr, no
steady states exist to give a monomer conversion in the range of 0.6~0.88.
Figure 4.7 shows a diagram in which the loci of the limit points of steady
state branches are traced as the residence time and the initiator composition
or its concentration are varied. For example, with y4s fixed at 0.5, a stable
lower steady state is only seen in region I for a very small value of . As 8 is
increagsed up to 1.8 hr, three steady states exist and with a further increase in
6, the system will have only a single stable upper steady state.

When the solvent volume fraction in the feed stream is used as a bifurca-

tion parameter, steady state profiles as shown in Figure 4.8 are obtained.
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Figure 4.5 Effect of y .45 on steady state profiles of the reactor for differ-
ent 6: f, = 0.1, Iy = 0.025 mol/l, Ty = 343 °K, T. = 363
°K.
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Figure 4.6 Effect of Iy on steady state profiles of the reactor for different
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Figure 4.7 Steady state bifurcation structure diagram: f, = 0.1, Ty =
343 °K, T, = 363 °K.
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Recall that no bifurcation to periodic solutions was observed so far as f, was
fixed at 0.1. Now as the solvent fraction is increased to about 0.25~0.30, a
Hopf bifurcation point (marked by =) appears and a branch of periodic solution
emanates from the Hopf point. The periodic orbit eventually terminates in
a homoclinic. Figure 4.9a illustrates the bifurcation behavior in X;-6 plane.
The inset of Figure 4.9a for f, = 0.25 shows that the branch of the periodic
solutions (PS) emanating from the Hopf bifurcation point further bifurcates
to a stable period doubling (PD) orbit, losing its own stability. It is also
interesting to notice that for fy = 0.25 and 0.3, a portion of the upper branch
is unstable. Figure 4.9b shows the range of fs and 6 values which yield different
bifurcation behavior. Figure 4.10 and 4.11 illustrate the results of dynamic
simulations at and near the Hopf point. Note that as the residence time is
reduced from 3.86 hr to 3.65 hr, the reactor state is attracted to a stable lower
steady state.

The steady state profiles are shown in Figure 4.12 with coolant tempera-
ture (T.) as a bifurcation parameter. The overall qualitative behavior is quite
similar to Figure 4.5 in that no steady state exist to give X in the range of
0.55~0.95 for 8 > 1.0 hr.

For the control of reactor temperature, a cooling jacket temperature (1)
is used as a control variable. With a proportional-integral (PI) controller in
the temperature control loop, dynamic simulations were carried out with a

viscosity dependent heat transfer coefficient and a constant heat transfer
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Figure 4.9 Effect of f, on steady state behavior: I; = 0.025 mol/l, YAf =
0.5, Ty = 343 °K, T. = 363 °K.
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Figure 4.10 Transient reactor response to a step change in 6: f, = 0.3,

Iy = 0.025 mol/l, yas = 0.5, T; = 343 °K, T, = 363 °K.
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coefficient, respectively. Figure 4.13a and 4.13b show the response of the
reactor to a step change in the feed initiator concentration from 0.025 to
0.035 mol/] for both cases. First notice in Figure 4.13b that when the heat
transfer coefficient remains unchanged, the reactor temperature is controlled
nicely at its set point. However, when the heat transfer coefficient changes,
the feedback controller fails to maintain the set point temperature about 3
hours after the step change is made. Such a failure of the temperature control
is clearly explained in Figure 4.14. As more initiator is added to the reactor,
the monomer conversion increases and the viscosity begins to increase rapidly.
As a result, the heat transfer coefficient continues to decrease. As the heat
transfer coeflicient drops to a very low value after about 3 hours, the reaction
heat i1s not removed adequately through the reactor walls and as a result the
reactor runs away to an upper steady state. Figure 4.14e also indicates that
the viscosity at the reactor wall increases by a few orders of magnitude. The
Reynolds number (Ng.) continuously falls to below 100 until the runaway
occurs. The reactor simulations shown in Figure 4.14 clearly illustrate that
the reactor temperature control can be a serious problem if the heat transfer

coefficient changes with reaction conditions.
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4.2.3. Concluding Remarks

In this section, the steady state and dynamic behavior of a CSTR is
investigated for styrene polymerization with mixed initiators. -In particular,
the effect of various opefating parameters such as initiator feed composition,
initiator feed concentration, solvent feed volume fraction and coolant temper-
ature have been analyzed. An emphasis has been placed on the elucidation
of the effect of viscosity dependent heat transfer coefficient on the reactor
behavior. It is observed that the reactor system with viscosity dependent
heat transfer coefficient shows a simpler steady state and dynamic behavior
than the case with constant heat transfer coefficient. For the solvent volume
fraction below 0.2, no bifurcation to periodic solutions occurs; however, as
the solvent volume fraction is increased, Hopf bifurcations, period doubling
and homoclinic limit cycles are observed. Dynamic simulations of the reactor
with varying heat transfer coefficient indicate that some process disturbances
can lead to a disastrous reactor runaway even with a feedback temperature

controller.
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4.3. Effect of Impurities

In this section, the same polymerization system in a CSTR discussed in

Chapter 2 is considered except that inhibitors are present in the feed stream.

4.3.1. Reactor Model

Inhibitors or retarders suppress the polymerization by scavenging the pri-
mary radicals and terminating the active polymeric chains. Although clear
difference between inhibitors and retarders has not been defined, it is deter-
mined by the reactivity of each material. Inhibitors, which are highly reactive,
mainly attack the primary radicals so that the polymerization cannot occur.
Less reactive retarders reduce the radical chains leading to slower polymeriza-
tion [Bamford and Tipper (1976)]. The inhibition (retardation) mechanism
varies from one inhibitor (retarder) to another. For quinone type inhibitors,
the inhibition has been known to occur through a two step mechanism [Rin-
telen et al. (1983), Douglas et al. (1982), Tiidos et al. (1961), Bevington and
Ghanem (1959), Cohen (1947)]. In the first step which is the rate determining
step, a polymer radical reacts with the inhibitor molecule to form an inhibitor
radical of unknown structure. Upon reaction with additional polymer radicals,
inactive radical products are formed from this inhibitor radical. The kinetic

scheme for inhibition can be represented as follows [Rintelen et al. (1983)):
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k

R+ Iy —— Qo (4.21a)
kq
Py + I, ——— Qy, (n2>1) (4.21b)
kig
Qo + R —— inactive radical (4.21c)
keg
Qo + Py —— M, (n>1) (4.21d)
keg
Qn+R— M, (n>1) (4.21¢)
kig
Qn+ Py —— My, (n,m >1) (4.211)

where Iy is the inhibitor, (Jy the inhibitor radicals formed with the primary
radicals and @), the inhibitor radicals with n-repeating monomer units.
With the above kinetic scheme, the rate expressions for polymer chains

and the inhibitor can be expressed as follows:

dR
P 2(faka Is+ fBkagIp) — kiRM — kyILR
— ktg(Qo + Q)R (4.22)
Py o M 1k : : .
Clt' —2 dar + 1R4M——I\,I)AIP1+]nfm]\/[(P—P1)—lxtPP1
= kgIn Py = kig(Qo + Q) Py (4.23)
dPp,
W = kp.Al(Pn—l - Pn) - kfm]\lpn —_ }LfPPn — I\TQIth
—ky(Qo+ Q)P (n22) (4.24)
dQ
'67,0 = kg RIn =ty (R + P)Qo (4.25)
dQn
g = FaPnlh —ty(R+ P)Qn  (n21) (4.26)



dM 1 n—1
== kmePn -+ skt Z Pn—um + ktqQOPn + ktanR

dt’
m=1
n-—1
+ktg ) PomQ@m (22 (4.27)
m=1
dI,
= =~k i(R+P) (4.28)

where P is the total concentration of active polymer chains and @ the total
concentration of inhibitor radical chains.

The three leading moments of each polymeric species are required for
the calculation of molecular weight averages of the polymer and they can be

derived by defining the moments of the inhibitor radical chain as follows:

oo
M=) kQn+ Qo (4.29)
n=1
All the moment equations for each polymeric species are given in Appendix
D. Since the concentrations of live polymers and inhibitor radical chains are
much lower than that of dead polymers, the molecular weight averages are
computed using the dead polymer moments only.

The mass and energy balance equations for a CSTR are expressed as

follows:

dM

Vo = q(My — M)~ VE,MP (4.30)
dI

Vd—; = q(I;yas — I4) — Vka, Ia (4.31)
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VdIB

e q{Is(1 —yas) —Ig} — VkayIp (4.32)

dIy

o = (Uns = In) = VEgIn(R + P) (4.33)

dT . |
pCyV =7 = pCpa(Ty = T) + V(=AH)kyMP — he A(T ~ T.) (4.34)

By applying the quasi-steady state approximation to live polymers and in-
hibitor radical chains in the reactor, the total concentrations of growing poly-

mers (P) and primary radicals (R) can be derived as follows:

ko I\ V2 kI
P= K Zt’l) +2deM3+kl-RM} —< ‘ZJ‘) (4.35)

_ 2faka,Ia+2fkayIB

R
kiM + 2k, I,

(4.36)

Here, it is assumed that &; ~ k,. The moment equations for dead polymers

are:

dAd R 1 koIn ..
— =+ VP[akme + 5keP + m(zazz +P)| (4.37)
%%tl_f SV (_1.3:% [a(z — a)hpm M + k(P
%(d@ —d)R+P)] (4.38)
V%At—,g = —gA\ + H—Y—%F [a(& —3& + )k M + (& + 2k P
+ (;kf;){za(ﬁ -3&+4)R+(d+2)P}] (4.39)

With the dimensionless variables and parameters defined in Table 4.4, the

reactor modeling equations are reduced to the following dimensionless form:



Table 4.4 Dimensionless variables and parameters

Xl:Mf——M ‘¥2:yAfIf—IA ‘¥3:(1—y‘4f)ff—13’

My yarly (1—yas)ly
T-1, . M v M
X - ) 4X NFEE) X - 3 Y
T PTN, DY DY
Ihf — 1 I4 t o
Xs = = — t = Da =62 = —
8 Ihf YAF I ) 9a a ’ 44 7 ’
g = (—=AH)M;¢ 5= T. — Ty = 2k, kag,
pCPTf ’ Tf ’ kP ’ deo’
_ EdB . deo _ Ep _ EdA Ed]u
€= EdA’ g - VA ’ — RT ) Yd = RTf7 Ydar = ﬁ;v
_ Egm B E, _ E,
7f - RTf 3 7q - RTf? 7t - RTf’
iy 2k M3
p = Yhwlis o p Humely o p  hellily
2k, ki ko
Ro = 2faka,yasl;,  Ro=2fBkago(1 —yar)ly,  Re=kpoMMy,
k fmo UIns kX P
R - ¢k I s Qm = 3 Qg = 3 Gy = 0 f 5
d pOLhf pr q Mf t prMf
for 7=0,1,2:
kgmoMy kioPs Ing
Wy = , Wo; = , wz; = —5—,
J )\;{rkpoexp(—y) 27 )\;{Tk'poexp(—'y) 3y /\?’r
where
hoA. Vv
Ir=1 I — 6 = — =k —_
f Af + 1By, g pCpV’ 7 Z = kpoexp(—7)Ps
1/2

Pi = |{Paexp(ve — 1)} + Poexp(ve — vay ) + Peexp(ye — 7)

— Pyexp(yt — 7)s

R, — Roexp(—va) + Reexp(—eva)
(Rc + Ra)exp(—v) '
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%l =-X; 4+ Da(l - X, )Xpexp{%} (4.40)
% = —X, + DaC(1 - Xg)exp{—l szX4 } (4.41)
d% = —X;3 + Dacn(1 - Xg)exp{— - f_‘;g } (4.42)
% =-X3+ 5(“ + d%) + Daa(Xy — 6) (4.43)
d;;f = — X5 + DaX, [wm@u - X )exp{—1 :’;(4 }
et
d;z ~Xo Tt (llhX ) [w”(l Xi)(2a )eXP{ 1 J:{xy }
+ woy Yte\P{—ﬂ—X;}
“—’i{;rl—;‘_&;ﬂ( &2 - &)X, + X,,)exp{—1 J:tX4 H (4.45)
dd_)? = _X:+ (ffX) [wl?(l — X;)(&® — 342 + 44)
eXp{*l :fx } Tzt 2)6Xp{— 1 :t.n }
5"3_;53?5‘:_){( 342 44X,
+(a+ 2)Xp}exp{— 1 th4 H (4.46)
%‘8 = Xg+ %Dawu — X ) (X, + Xp)exp{%} (4.47)

where, X,, X; and X, are given by
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P.(1 - Xg) v=v\1° Pl —X1)? <7t_')’dM>
X,,_[{ 9+ Py eXp(1+X4>}+ 9P} P\ 11X,

gtP)% 1+X4
P,(1—-Xs) Yt — Y
e e 4.48
w7 e (I (849
Xt = ApGt (449)
 Ra(1— Xo)exp(—13%=) + Ra(1 — Xs)exp(—52&) (150,
T Pi{Rc(1 — X1) + Ra(1 — Xg)}exp(—157) ‘
Py
Y, = —X, 4.51
-y (4.51)

The probability of propagation, & is represented by the following dimensionless

form:

Y =f ar X Y= 1-Xg]™!
A= |1+ am R ex i y—— 4.52
¢ [ e eXp<1+X4>+1-Xle*p<1+x4>+aq1—xl] (£52)

Note that the same gel effect correlation (eq 2.22) used in Chap 2 is employed

in the above reactor model.

4.3.2. Reactor Dynamics

In the absence of inhibitor, the first subsystem of the reactor model (eqs
4.40~4.43) can be reduced to a steady state manifold (eq 2.43). In such a case,
a systematic analysis of the steady state reactor behavior is straightforward

(e.g., Chapter 2). However, it is not possible to condense the steady state
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Table 4.5 Kinetic constants of inhibitors in styrene polymerization [Rinte-
len, et al. (1983)]

Inhibitor Y (2kq/kp)
4-tert-butylcatechol 0.87
4-tert-butyl-o-quinone 88.0
1,4-benzoquinone 1,002.0

model equations into a single manifold in the presence of inhibitors. This 1s
because the first subsystem of the reactor model (eqs 4.40~4.43 and 4.47)
is too complex and nonlinear. Thus, a numerical search is required for the
analysis of steady state bifurcation phenomena.

For the purpose of comparison with the previous cases where no inhibitors
are present, the same kinetic and physical parameters as given in Table 2.1
are used. The standard reactor operating conditions are also the same (z.e.,
Iy = 0.025 mol/l, yay = 0.5, fo = 0.1, Ty = 70 °C, T, = 90 °C, 8 = 0.9
hr). Retarders considered in this study are 4-tert-butylcatechol and 4-tert-
butyl-o-quinone and an inhibitor is 1,4-benzoquinone. The kinetic constants
for inhibitors are given in Table 4.5.

Figures 4.15~4.17 show the reactor startup transients to different steady

states in the presence of 4-tert-butylcatechol which is used to stabilize styrene
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Figure 4.15 Effect of 4-tert-butylcatechol on the start-up transients to the
lower stable steady state: § = 0.9 hr, f, = 0.1, Iy = 0.025
mol/L Yaf = 0.5, Tf = 343 °K.
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Figure 4.15 (continued)
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Figure 4.16 Effect of 4-tert-butylcatechol on the start-up transients to the
upper unstable steady state: § = 1.2 hr, f, = 0.1, Iy = 0.025
mol/l, yay = 0.5, Ty = 343 °K, T, = 363 °K.
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Figure 4.17 Effect of 4-tert-butylcatechol on the start-up transients to the
upper stable steady state: § = 2.0 hr, f, = 0.1, Iy = 0.025
mol/l, yay = 0.5. Ty = 343 °K, T. = 363 °K.
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monomer during shipping and storage [Aldrich (1990)]. When the reactor
moves to a lower stable steady state (cf. Figure 2.5d), the presence of this re-
tarder has little effect on the steady state stability, as shown in Figure 4.15. As
the retarder concentration increases (i.e., 1 x 1072 mol/l), the concentrations
of primary radicals (R) and chain radicals (P) are reduced, resulting in lower
monomer conversion (X;) and lower reactor temperature (Figures 4.15h and
4.15g). The retarder causes the number average chain length (X,) and poly-
dispersity (PD) of the polymer to decrease. When the retarder concentration
is 1 x 1072 mol/l, the steady state multiplicity of the reactor disappears and
the reactor state moves to a lower stable steady state, as shown Figures 4.16
and 4.17.

The reactor startup transients are also affected by the reactivity of the
inhibitor, v, as shown in Figures 4.18 and 4.19. As ® is increased, suppression
of polymerization becomes more pronounced. For the first 2.5 hours during the
startup period, 1,4-benzoquinone, which is the strongest inhibitor, suppresses
the polymerization completely (Figure 4.18). It also causes the reactor to
move to a unique steady state. These figures show clear difference between
retarders and inhibitors.

Figure 4.20 and 4.21 illustrate the reactor transients when the step change
in the amount of 4-tert-butylcatechol is made during the steady state oper-
ation. When the reactor is operated at a lower stable steady state, a small

amount of the retarder (i.e., 1 x 107> mole/l) has little effect. However, the
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Figure 4.19
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Figure 4.20 Open loop transients to introduction of 4-tert-butylcatechol
during steady state operation at the lower stable steady state:
6 =009 hr, f, = 0.1, Iy = 0.025 mol/l, yar = 0.5, Ty = 343
°K, T, = 363 °K.
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Figure 4.21 Open loop transients to introduction of 4-tert-butylcatechol
during steady state operation at the upper unstable steady
state: 6 = 0.9 hr, f, = 0.1, Iy = 0.025 mol/l, ya5 = 0.5,
Ty =343 °K, T. = 363 °K.
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reactor exhibits oscillatory dynamics when operated at a upper steady state.
As the retarder concentration is increased to 1 x 1073 mole/l, the reactor
ceases to exhibit oscillatory dynamics and moves to a new lower stable steady
state (Figure 4.21). Similar behavior is observed as the inhibitor reactivity is
increased (Figure 4.22).

If the reactor temperature is controlled by manipulating coolant temper-
ature with a PI controller, unstable reactor steady states can be stablized as
shown in Figures 4.23 and 4.24. In the presence of small amount of 4-tert-
butylcatechol (z.e., 1 X 107° mole/l), all the reactor variables are perfectly
controlled. However, as the retarder concentration increases, monomer con-
version and the polymer molecular weight deviate from their original steady
state values despite good temperature control. When the inhibitor reactivity

is increased, the reactor exhibits similar behavior (Figure 4.25 and 4.25).
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Figure 4.22 Open loop transients to introduction of various inhibitors dur-

ing steady state operation at the upper unstable steady state:
¢ =0.9hr, fo =0.1, Iy = 0.025 mol/l, yay = 0.5, Ty = 343
°K, T. = 363 °K, Iy = 1.0 x 10™* mol/l.
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Figure 4.23 Closed loop transients to introduction of 4-tert_butyleateehsl
during steady state operation at the middle unstable steady
state: § = 0.9 hr, f, = 0.1, Iy = 0.025 mol/l, ya5 = 0.5,
Ty = 343 °K, T, = 363 °K (K. = 0.5 °K, 77 = 0.2 hr,
303 < T.(°K) < 423).
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Closed loop transients to introduction of 4-tert-butylcatechol
during steady state operation at the upper unstable steady
state: 8 = 0.9 hr, f, = 0.1, Iy = 0.025 mol/l, y45 = 0.5,
Ty = 343 °K, T, = 363 °K (L. = 0.5 °K, 7; = 0.2 hr,
303 < T.(°LIV) < 423).
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Figure 4.25 Closed loop transients to introduction of various inhibitors

during steady state operation at the middle unstable steady
state: 8 = 0.9 hr, f, = 0.1, I; = 0.025 mol/l, yas = 0.5,
Ty =343 °K., T, = 363 °K, Iy = 1.0 x 107* mol/l (K, = 0.5
°K, 71 = 0.2 hr, 303 < T (°K) < 423).
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Figure 4.26 Closed loop transients to introduction of various inhibitors

during steady state operation at the upper unstable steady
state: § = 0.9 hr, f, = 0.1, Iy = 0.025 mol/l, y45y = 0.5,
Ty =343 °K, T. = 363 °K, Iy = 1.0 x 107* mol/l (I, = 0.5
°K, 771 = 0.2 hr, 303 < T (°K) < 423).
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4.3.3. Concluding Remarks

In this section, the effect of radical scavenging materials such as retarders
or inhibitors on the reactor behavior is analyzed for styrene polymerization
initiated by mixed initiators in a CSTR. It has been observed that the reactor
transients during the startup or steady state operation are affected by the
reactivity and the amount of introduced inhibitors. In particular, if the reac-
tor is operated in an unstable or periodic region, a small amount of inhibitor
may cause significant change in reactor dynamics. If the reactor tempera-
ture is controlled by a feedback PI controller, the reactor shows good control

performance in the presence of small amounts of inhibiting materials.
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4.4. Notation

Ac heat transfer area of the reactor (cm?)
Cp heat capacity of reaction mixture (cal/g°K)

Da Damkohler number (dimensionless mean residence time) of the reactor (-)

D, diameter of turbine impeller (cm)
D,  inside diameter of reactor (cm)
E4;  decomposition activation energy of initiator ¢, i = A, B (cal/mol)

E4m activation energy of thermal initiation (cal/mol)

E; activation energy of each reaction step j, j = p, fm,t (cal/mol)
E, activation energy of viscous flow (cal/mol)

fi efficiency of initiator ¢, ¢ = 4, B (-)

fs solvent feed volume fraction (-)

gt gel effect correlation factor, k;/k; (-)

he overall heat transfer coefficient of the reactor (cal/cm?sec®K)
h; inside film heat transfer coefficient of the reactor (cal/cm?sec®K)
ho outside film heat transfer coefficient of the reactor (cal/cm?sec®I\)

AH, heat of reaction (cal/mol)

If concentration of initiator feed mixture (mol/l)

Iy concentration of inhibitor (mol/1)

I; concentration of initiator ¢ in the reactor, j = A4, B (mol/l)
k thermal conductivity of reaction mixture (cal/cm.sec.°K)
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decomposition rate constant of initiator 7, ¢ = A, B (sec™1)
rate constant of thermal initiation ((1/mol)?.sec)
initiation rate constant (1/mol.sec)

chain transfer rate constant(l/mol.sec)

propagation rate constant (1/mol.sec)

inhibition rate constant (1/mol.sec)

combination termination rate constant (1/mol.sec)
combination termination rate constant at zero monomer
conversion (1/mol.sec)

termination rate constant of inhibitor radicals (1/mol.sec)
monomer concentration in the reactor (mol/l)

monomer feed concentration (mol/1)

weight average molecular weight of polymer (g/mol)
rotating speed of the turbine impeller (rpm)

Reynolds number of the impeller (-)

Prandtl number in the reactor (-)

concentration of inhibitor radicals (mol/1)

volumetric feed flow rate (1/sec)

primary radical concentration (mol/1)

reactor temperature (°K)

coolant temperature of the reactor (°K)

feed temperature (°K)
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tl

Qg

jo)

dimensionless time in the reactor (-)

time (sec)

volume of the reactor (cm?)

effective monomer conversion in the presence of solvent (-)
weight fraction of polymer in the reaction mixture (-)
monomer conversion in the reactor (-)

conversion of initiator A in the reactor (-)

conversion of initiator B in the reactor (-)
dimensionless reactor temperature in the reactor (-)
dimensionless zeroth moment of dead polymer (-)
dimensionless first moment of dead polymer (-)
dimensionless second moment of dead polymer (-)
number average polymer chain length in the reactor (-)
weight average polymer chain length in the reactor (-)

mole fraction of initiator 4 in the initiator feed mixture (-)

Greek Letters

dimensionless heat transfer coefficient of the reactor (-)
effective heat transfer coefficient of the reactor (sec™!)
probability of propagation in the reactor (-)
dimensionless heat of reaction (-)

dimensionless coolant temperature in the reactor (-)
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Yd

Ydur

Vf

Tt

17200

Nr

Ns

Pr

Pm

Pp

v

ratio of decomposition activation energy of initiator B

to that of initiator A (-)

ratio of inside heat transfer coefficient to outside heat
transfer coefficient (-)

inhibition constant (-)

dimensionless activation energy of propagation reaction (-)
dimensionless decomposition activation energy of initiator A4 (-)
dimensionless activation energy of thermal initiation (-)
dimensionless activation energy of chain tranfer to monomer (-)
dimensionless activation energy of chain termination (-)
ratio of preexponential factor of decomposition of initiator B
to that of initiator A (-)

zero shear viscosity of reacting fluid at 200 °C (cp)

zero shear viscosity of reacting fluid in the bulk phase (cp)
zero shear viscosity of styrene-ethyl benzene mixture (cp)
zero shear viscosity of reacting fluid at the surface of

reactor wall (cp)

mean residence time of the reactor (hr)

k-th moment of dead polymer chain in the reactor (-)
density of reaction mixture (g/cm?)

density of styrene monomer (g/cm?)

density of polymer (g/cm?)
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Chapter 5

On-line Estimation and Control of
Polymer Properties in a Continuous

Polymerization Reactor

5.1. Introduction

One of the most important objectives in operating industrial polymeriza-
tion processes is a precise control of polymer properties. Since many important
polymer properties (e.g., molecular weight (MW), molecular weight distribu-
tion (MWD)) are complex functions of reactor variables, good quantitative
understanding of the polymerization kinetics and reactor behavior is essential
for the control of such polymer properties. In general, on-line control of these

polymer properties is difficult mainly because of the lack of adequate on-line
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sensors. Without rapid and accurate on-line sensors to measure the polymer
properties, a direct control of the polymer properties is not feasible.

In recent years, some on-line sensors for polymerization processes have
been developed and they are still an active area of research [Schork and Ray
(1983), Technical Bulletin (1987)]. For example, on-line gel permeation chro-
matography (GPC) is now commercially available for the molecular weight
characterization. However, on-line sensors for many other important polymer
properties such as copolymer composition, degree of branching, etc. are not
readily available at the present time. Even with on-line GPC, some measure-
ment time delay is inevitable due to the requirement of sample preparation
prior to chromatographic analysis.

One alternative to the direct on-line measurement of polymer properties
is to utilize the process model and state estimation techniques to predict the
polymer properties. Since the estimation algorithm is used in conjunction with
a dynamic process model, the performance of the filter depends on the quality
of the process model being used. In most of the previous works, the model
used for state estimation was assumed to be the same as the plant model. In
reality, however, it is not always possible to develop a perfect process model,
particularly for complex nonlinear systems such as polymerization processes.
Therefore, it will be of practical importance to assess the effect of model errors

on the performance of the filter.

In this chapter, the two-time scale extended Kalman filter is applied to

284



a continuous stirred tank styrene polymerization process with a binary initia-
tor mixture for the estimation and control of polymer molecular weight and
other reactor state variables. The performance of the filter for various reactor
operating conditions and the effect of model errors will be examined through

numerical simulations.

5.2. Literature Survey

The Kalman filter is an optimal state estimation method which extracts
information concerning states and parameters of the system from noise cor-
rupted observations. Since publication of the classical papers by Kalman
(1960) and Kalman and Bucy (1961), the Kalman filter has been applied to
many areas including orbit determination, tracking and navigation of satel-
lites, missiles, planes and ships, geographical extrapolation, power systems,
and cattle demographics. The historical background and theoretical develop-
ment of the Kalman filter and its applications have been reviewed by Sorenson
(1966, 1970, 1985), Wells and Wismer (1971), Kailath (1974).

From the early 1970s, the Kalman filter and the related nonlinear fil-
ter have been applied to chemical processes for state and parameter esti-
mation. Many of the applications reported in the literature are computer
simulation studies to evaluate the filter performance: CSTR’s [Wells (1971),

Kantor (1989)], tubular and packed bed reactors [Gavalas and Seinfeld (1969),



Rutzler (1987)], batch reactors [Bonvin et al. (1989)], biochemical reactors
[Chattaway and Stephanopoulos (1989), Pomerleau and Perrier (1990)], heat
exchangers [Coggan and Noton (1970)], and reaction kinetics [Yuan (1989)].
A few experimental studies have also been reported [Hamilton et al. (1973),
Stephanopoulos and San (1981, 1984), and Windes et al. (1989)]. Filters have
also been used in closed loop control systems [Corlis and Luss (1969), Sein-
feld et al. (1969), West and McGuire (1969), Seinfeld (1970),Wells and Larson
(1970), Lynch and Ramirez (1975), Wallman (1979). Wallman et al. (1979),
Tye (1980), Preisig (1988)]. Extended Kalman filters can be used to detect

reactor runaways [King and Gilles (1984, 1990)).

The first application of Kalman filtering to polymerization reactors was
the works of Bankoff and coworkers [Jo and Bankoff (1976), Hyun and Bankoff
(1976)]. They applied the extended Kalman filter (EKF) to vinyl acetate
solution polymerization in an isothermal CSTR. Using two on-line measure-
ments of refractive index and impeller torque, monomer conversion and the
weight average molecular weight of the polymer were estimated. Kiparis-
sides et al. (1981) developed a suboptimal feedback control algorithm with

an EKF for a linearized model of a continuous vinyl acetate emulsion poly-

merization reactor. For the real time estimation of monomer conversion and
the chain length distribution (CLD), Schuler and coworkers developed a de-
coupled nonlinear estimator with on-line measurements of temperature and

refractive index in a batch polystyrene reactor [Schuler and Suzhen (1985),
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Schuler and Papadopoulou (1986)]. In semibatch emulsion copolymerization
of vinyl acetate and n-butyl acrylate, Dimitratos et al. (1988, 1989) applied the
adaptive EKF to estimate the copolymer composition from overall monomer
concentrations measured by gas chromatography. The filter estimates were
used for feedforward/feedback controls to maintain constant copolymer com-
position. Some efforts have also been made in incorporating delayed off-line
measurements of polymer molecular weight into the state estimation algo-
rithm [Ray (1986), Papadopoulou and Gilles (1986), Taylor et al. (1986), Ellis
et al. (1988a, 1988b), Huang (1987), Choi and Khan (1988), Adebekun and
Schork (1989)]. An application of such a concept to an industrial process for
fluoropolymers has also been known [Richard (1990)]. In Ray’s work (1986),
polymer property observability and detectability have been analyzed for var-
ious combinations of measurement parameters such as temperature, refrac-
tive index, density viscosity, low angle light scattering and GPC. It was also
shown that delayed off-line measurements can be incorporated into the filter
to obtain rapid estimates of polymer molecular weight properties. All these
previous works clearly illustrate the feasibility of using the filtering techniques

in polymerization processes to improve the polymer molecular weight control.

However, in many of these forementioned literature the effect of model
accuracy on the filter performance has not been thoroughly investigated. In
view of the fact that perfect process models are very difficult to develop, the

assessment of filter performance with imperfect process models becomes an
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important issue. In this work, an attempt will be made to control polymer
molecular weight with with the extended Kalman filter in the presence of

model errors and unknown disturbances.

5.3. Process Model

The reactor system considered is a continuous stirred tank reactor for
styrene solution polymerization with a mixture of tert-butyl perbenzoate and
benzoyl peroxide, as shown in Figure 5.1. Here, chain transfer by the chain

transfer agent (di-n-butyl persulfide) is included into the polymerization mech-

anism (egs (2.1)~(2.5)):

kﬂ
PotA— M, +P  (n>1) (5.1)

Then, the dynamic modeling equations for a CSTR of volume V take the

following form:

dM
V= =My = M) - Vk,MP (5.2)
dI
V== = q(Ipyag —1a) = VEa I (5.3)
dI
VEQ = q{I;(1 = yas) — Ip} — VkayIp (5.4)
dT |
pCyV — = pCpa(Ty = T) + V(=AH)k, MP
— heAo(T - T.) (5.5)
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Figure 5.1

reactor system with mixed initiator.
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dT.

PccpchW - chchc(ch - Tc) + hcAc(T - Tc) (56)
where
> ;
P= k*g (deM3+fAdeIA+kadBIB) (57)
t Yt

q represents the volumetric feed flow rate and ¢. the coolant flow rate. The
subscript f denotes the feed condition. M is the monomer concentration in
the reactor, I 4 and Ip the concentrations of initiator A and B, respectively,
and yay the mole fraction of initiator A in the initiator feed mixture (z.e.,
yaf = Tag/Iy). T is the reactor temperature, h. the heat transfer coefficient,
A. the effective heat transfer area and T. the coolant temperature in the
reactor jacket. All the assumptions used in §2.3 are applied to deriving the
above reactor model. The same gel effect correlation as eq (2.22) is also
included into the model.

The molecular weight moment equations required for the molecular weight

calculations are:

d) 1
V=2 = —qho + VP((ks, M + kg, A + 5 keP] (5.8)
d; VP
Vo =™t g [(’»me + ks A)
ma—a%+hP] (5.9)
dAy VP
V? = —qXy + (1—_;)—2 |:(kme + kfaA)
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(a® — 3a® +4a) + kP(2 — a) (5.10)

where, A denotes the concentration of the chain transfer agent. Ay is the k-th
moment of dead polymer, i.e., \p = > or, n* M, where M, is the concentra-
tion of the dead polymer with n repeating monomer units. « is the probability

of propagation defined by

B ky M
T kMt kg, M+ kp A+ kP

(u.11)

«

Since the concentration of live polymers is very low, their contribution to the
overall molecular weight is assumed to be negligible. The number average and
the weight average degree of polymerization are: X, = A /Ao, Xuw = Ao/ ;.
As discussed in Chapter 2, the continuous styrene polymerization process
represented by the modeling equations (5.2)~(5.6) may exhibit strongly non-
linear steady state and dynamic behavior under certain reaction conditions.
However, in this work, the reactor operating conditions have been chosen such
that the system is always stable. The modeling equations (5.2)~(5.11) are
used to simulate the plant. Since it is very difficult, if not impossible, to de-
velop a perfect process model, it is of practical importance to examine the
effect of model errors in on-line filtering and control. To do so, numerical
values of some parameters of the plant model are changed as follows and the
resulting models are designated as model A and model B: in model A(B), all

the gel effect parameters are reduced by 5% (10%) from the correct values and
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the chain transfer rate constants (kfn and kg.) by 10% (10%). These new
models are then used as a basis for filtering.

Figure 5.2 shows the comparison of the steady state and the transient
behavior of the process predicted by the plant model and the two inaccurate
models (A and B). The reactor was initially at steady state and at ¢t = 4
hr, a step change in the reactor residence time (6) has been made. Here, z,
is the weight fraction of the polymer which is calculated from the monomer
conversion. The numerical values of the kinetic parameters, physical constants
and standard reactor operating conditions used in the simulations are listed
in Tables 2.1 and 5.1. Note that the predictions of z,, X, and X, by the
plant model and the two inaccurate models (A and B) show quite noticeable
differences. For example, X, values predicted by model B are nearly 30%
larger than the actual plant values. Model A, which has smaller errors than
the model B in the gel effect parameters, shows more than 10% error in X .
Now we will assume that either model A or model B is the only process model
available. Then, using one of these inaccurate models, we will attempt to

estimate the process outputs generated by solving the plant model.

292



0.9
step change in 6 (-50%) @

lant
Xo  08F-——- et PAM |
- model A
- ST model B
0-7-— ] 1 1 | l \/I 1 1 1 I ] 1 ! 1 1 1 1 I’
X1O'21_5

i

(mol/l)

Paned
-t
o

;IIII[IIIT

N \
=
Q
=X

200 1 1 1 1 1 1 1 1 1 1 1 i i 1 i 1 1
0 10 20
t (hr)
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Table 5.1 Kinetic and physical parameters and standard operating condi-

tions

chain transfer agent: di-n-butyl persulfide
ks, = 2.523 x 10* exp(-7,060/RT), 1/mol.sec

styrene:

M,, = 104.15 g/mol, p = 0.906 g/cm?
solvent (ethyl benzene):

M,, = 106.17 g/mol, p = 0.867 g/cm?

standard operating conditions:

%A{; =2.146 x 1073 sec™! v = 0.516, 6, = 30 sec,
PLp

fs =01, yar = 0.5, Tf = 343 °K, 6 =4 hr.

5.4. Two-Time Scale State Estimation

For non-linear systems, the algorithm of the standard extended Kalman
filter (EKF) is described in several texts [Jazwinski (1971), Gleb (1974), Ray
(1981b)]. In the continuous styrene polymerization process considered in this
study, the reactor temperature and the monomer conversion (or polymer con-
centration) in the product stream are measured on-line (e.g., by in-line den-
sitometer). The polymer molecular weight and MWD are measured by either
on-line or off-line gel permeation chromatography (GPC). When an on-line

GPC is available, minimum hold-up time for sample preparation and separa-
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tion is about 15 min with a single GPC column [Technical Bulletin (1987)]. If
more than one column is used for improved separation efficiency, the measure-
ment delay will be longer than 15 min. If on-line GPC is not available, MW
and MWD are measured by off-line GPC. In such a case, there will be much
longer time delays (e.g., 60 min or more). In both cases, the time-delayed
molecular weight measurement data must be incorporated into the state esti-
mation algorithm so that timely update of MW estimates can be attained.
In order to incorporate the delayed measurement data into the filter,
a two time scale filter algorithm is used. The original modeling equations
(5.2)~(5.11) have been converted to dimensionless form using the following

dimensionless variables:

_My=-M  Iyar—Ia If(1 —yay) —In

r1 = = foerd
1 My 2 Iyas 3 Ip(1 —yay) (5.12)
=TT X Az M T, ~ Ty o
= = — Tg = T = rg = ——0/——
4 Tf ’ Aor ¢ Aor . Aty ’ Tf

where, A, 1s the reference value of the kth moment. The modeling equa-
tions in dimensionless form and the dimensionless parameters are shown in
Appendix E.

Table 5.2 summarizes the state estimation algorithm used in our simula-
tions. The process model is corrupted by a noise process w(t). Output data
(y(t)) are measured with some errors v(t). @ is the covariance of the process
model errors and R the covariance of the measurement errors. It is assumed

that the noise processes are Gaussian and uncorrelated in time (7.e., white
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Table 5.2 Algorithm of standard extended Kalman filter

Process model:
¢ = flz(t), u(t)] + w(t), w(t)~ N[0, Q1)
:Z:(O) ~ N[éO’PO]
With on-line measurement only:
Yo, = ho(mk) + Voy Vo, ~ N[O, Ro,k]
With delayed measurement:

Ydpr = hd(wk—‘r) T Vdyo,y Vdyo, ™ N[0> Rdyk-—-r]

State estimate propagation:

2(t) = fl2(t), u(t)]

Error covariance propagation:

P(t) = F()P(t) + P)FT(t) + Q(¢t)

State estimate update at t; with on-line measurements:

&k (+) = @r(—) + Ki[yo,, — ho{@r(-)}]

Error covariance update at t; with on-line measurements:
Pi(+) =[I — Ki H,,, | Pr(~)

Gain matrix at t; with on-line measurements:

Ky = P.H] [H, P,(-)H] +R,,]™"

where,
Y EORT0)
92(t)  |p=a
H, - Oh,(zx)
’ 0Tk | —d(—)
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noise) and also uncorrelated with the initial state. Since the concentration of
live polymers is extremely low, the molecular weight averages are determined
using the three leading moments for dead polymers only (eqs (5.8)~(5.10)).
Then, the first molecular weight moment (A1) which is the total weight of
the polymer is directly estimated from the monomer conversion measurement.
From the measured molecular weights (X, and X, ) and polymer concentra-
tion, the zeroth and the second moments of the polymer can be calculated.
Thus, we have total 6 state variables to estimate and they are: monomer con-
version (27 or polymer concentration, z,), initiator concentrations (xg,r3),
temperature (x4 ), the zeroth moment (z5) and the second moment (xg). The
covariance of the model error, Q(t), is a constant diagonal matrix of dimension
6. The covariance of initial estimation error, Py, is also a diagonal matrix. In
Table 5.2, & denotes the vector of states and & the vector of estimated states.
Table 5.2 also shows the two measurements equations, ¥y, , and yq,_., with-
out and with delayed MW measurements. 7 is the MW measurement delay.

Each matrix of the measurement error covariances is diagonal: i.e.,

R, = diag{r ,v%, (5.13)
Ry, .= diag{ril,ri4,r§5,7*36 (5.14)

where r,, denotes the standard deviation of the measurement error of z;.

The delayed measurements of polymer molecular weight are incorporated
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to the two time scale filter as follows. When the results of delayed MW
measurements taken at tx — 7 are available at time t;, the old estimates of
#;_r(—) and Py_.(—) are corrected using this new information to obtain the

updated values:

1Y(+) = dpr(=) + KL (Vg — ha(@i—r(=))]  (5.15)
PPev(+) = [T — K{<UHy,_|Pi_r(~) (5.16)

Ki® = Py_.(-)H] _ [Hy,_  Prr(-)H], .

+ Rap—r] (5.17)
where,
Hd,k_f — M (5.18)
8:1:]6—1'

mk—r::bk-—r(_)

The superscript new is used here to emphasize the fact that updates are
made with delayed MW data. After the above reinitialization is done, the
propagation equations are solved again forward up to tx + 7 and at t; + 7, the
same updating procedure is repeated with the delayed data taken at tj.
Since accurate information concerning noise statistics is rarely available
in practice, the model error covariance @, the measurement error covariance
R, the initial estimation error covariance Py and the initial state estimate 2
are treated as tuning parameters for the estimator. The effects of such tun-
ing parameters on the estimation performance have been discussed elsewhere

[Wells (1971), Hamilton et al. (1973),Kiparissides et al. (1981)]. In general,
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when reasonably good process models are used, the estimator performance is
relatively insensitive to the initial state estimate & and the initial estimation
error covariance Py, although they affect the speed of the estimator response.
When poor estimates of the initial states or large covariances of the initial
state estimation errors are used, the estimator tends to converge slowly to the
true system state.

For a linear system, the system is completely observable if all the ini-
tial states can be determined from the knowledge of the system control w(t)
and the system observation y(t) over some finite time interval [Ray (1981b)).
The observability conditions for non-linear systems are more difficult to de-
rive than those of linear systems. According to [Hwang and Seinfeld (1972),
Ray (1981b)], the local observability condition for a non-linear system can be
determined by linearizing the system model about a nominal trajectory &(t)
and conducting linear observability test. If F(t) (n xn)and H(t) (m x n) are
the jacobian matrices of the linearized process model and the measurement
model (h), respectively, at the nominal state Z(¢), then, the system is locally
observable if and only if the rank of an n x nm observability matrix Ly is n

where

L= |HT:FTHT:(FTVHT:...(FT)"'HT|. (5.19)
However, it should be noted that there is a possibility that more than two

different initial states @ may yield the identical observation when the devi-
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ation from the nominal state is too large. In such a case, the system is not
observable even though the system is locally observable at each point [Hwang
and Seinfeld (1972)].

For styrene polymerization in a CSTR considered in this work, the ob-
servability matrix (L,) is expressed as follows when monomer conversion and

reactor temperature are measured on-line:

10 fr o fuo o f fi o ffh fh
0 0 : fio fao © flo fin © fio fio
=00 fs fis 1 fls fis o fis fiy o (5.20)
0 1 Fia fa  fla fle o fh fi
00 o 0 : 0 0 : 0 0
0 0 o 0 : 0 0 : 0 0 : /

where {f;;} are the elements of the Jacobian matrix of the process model (F),
{fi;} the elements of F? and {f/’} the elements of F*. The rank of the above
observability matrix is 4 which is less than the dimension of the system model
(6). Therefore, the two state variables (z5 and zg) are not observable. When

the molecular weight measurements are provided, the observability matrix Ly

becomes
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0 00 fu fa s fe  fly fu fa fh
0 0 0 O fio fao fe2 fer 1 fly fla fla fi
L,=|9 000 fis fis fss fes 1 fls fia fh o fis
0100 fis fas fsa foa 0 fla fu s fsa
00 1 0 0 0 fs5 0 1 0 0 flg O

\o 0 0 1 0 0 0 fee : 0 0 0 flg : /

and the rank of this matrix is 6 and thus the system becomes observable. It
must be pointed out that the system is observable only when the molecular
welght measurements, albeit delayed, are available.

Figures 5.3 and 5.4 show the performance of the filter with the model
A when the reactor residence time is reduced by 50% from the steady state
value. Here, the measurement errors have been generated by a pseudo-random
number generator and added to the & values to produce the sensor signals (y).
The perturbation is assumed to fall within the prespecified standard devia-
tion of each measurement error. For example, it has been assumed that the
standard deviation for the measurements are: monomer conversion: +0.03,
temperature: +0.5°C, X, and X,: +5 %. Sampling time for the on-line
measurements of monomer conversion and temperature is 1 min. The numer-
ical values of the initial filter parameters used in our simulations are shown in
Table 5.3. In the simulation illustrated in these figures, it is assumed that the

change in the feed flow rate (or residence time) has been input to the filter

301




ISO%)

p change in 0 (

ste

u..________

[b]

- plant

estimator (model A)

h_h_w________

@ ™~
o o

385

Estimation of open loop transients to step change in 6 (-50

Figure 5.3

%) with model A without delayed measurements.

302



800 step change in 6 (-50%)

_ B00fReiee JO7

)_(n L estimator (model A)

Xw o delayed MW measurements
400
200 i 1 1 1 I 1 1 ! i l 1 1 1 1 ‘ 1 1 1 1
800

_ 6003

X

Xw i

Xa

Xy -

Figure 5.4 Effect of MW measurement delay (7) on estimation of molec-

ular weight with model A during open loop transients to step
change in 8 (-90%).

303



XIXI

X1

Figure 5.4

800
step change in 0 (-50%)

Ch -~

6004252557

estimator (model A)
0 delayed MW measurements

400

.o__..-"'_.----
1 =30 min, 8 hr measurement interruption
200 —t 1 I 1 l i 1 1 i | | 1 1 1 J 1 i

800

600

random measurement delay
200 P 1 1 [ | 1 1 1 l 1 1 1 1 i N

0 10
t (hr)

(continued)

304



Table 5.3

Numerical values of initial parameters of the state estimator

model A mode] B
Q(gii = ¢%) g2; = 1.0 x 107°* g2; = 1.0 x 107
qgi =1.0 x 10’2’[ qfi =1.0x 10"1‘(
r2, =9.0x107° rZ, =9.0x107°
7"25 =25x%x1073 r§5 =25x 1073
rle =2.5x 1073 rle =25x1073
P(0) pii(0) = 0.01% pii(0) = 0.01}
1230 :ffi,o = 12.’1,2(0)* .IA’LO = 1.21‘1‘(0)*
:2'5‘0 = 131‘5(0) .2'510 = 13’[‘5(0)
:?36,0 = 11.1‘6(0) .IA76,0 = 1.1$6(0)

* fori=1,2,3,4
T for:=25,6
I fort=1,2,3,4,5,6

(Feed flow rates are measured by flow meters and should be available to oper-
ators.). As shown in Figure 5.3, the model error has little effect on estimation
of monomer conversion and reactor temperature due to their on-line measure-
ments. When model A is used with delayed molecular weight measurements,
the quality of estimation of X, and X, improves dramatically, albeit with a

slight deterioration in the filter performance with large time delays.

305



Figure 5.5 shows the time varying profiles of the estimation error covari-
ances for this example with 30 minute delay of MW measurement. Several
observations can be made. The uncertainty in the z; component, Py, and
that in the 24 component, P44, decrease much more rapidly than do the uncer-
tainties in z7 and z3 (initiator concentrations, P9y and P33). This stems from
the fact that only 2y and z4 are measured on-line. The profiles of P55 and
Pge elements of the estimation error covariance matrix shown in Figure 5.4c
and 5.4d illustrate how P55 and Pgg change between delayed MW measure-
ments. Note that even with these delayed measurements, the filter estimates
converge to the true state rapidly as shown in Figure 5.4. A few elements of
the Kalman filter gain matrix are also shown in Figure 5.6. One can observe
from this figure that the filter gains remain nearly constant after convergence
1s attained.

Figure 5.4d illustrates the situation where no measurements are made
for 8 hours. As one may expect, the molecular weight prediction during this
blackout period is very poor because the system is not observable with only
two on-line measurements. However, as soon as the MW measurement is
resumed the filter converges rapidly to the true state. In practice, the results
of product analysis are often available irregularly (i.e., laboratory analysic time
may vary). Figure 5.4e shows the filter predictions when unequal sampling
periods for off-line MW measurements are used. Here, the sampling periods

were determined by a random number generator with a standard deviation
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of 45 min from the nominal sampling period of 90 min. Note that the filter
performance is better than the case shown in Figure 5.4d but slightly poorer
than with equal 90 min intervals between samples (Figure 5.4¢). Similar ob-
servations can be made in Figures 5.7 and 5.8 for model B. Figure 5.8d and
5.8e indicate that unequal MW sampling gives much better estimates than
with an equal but large time delay of 90 min. Considering the model inac-
curacy as illustrated in Figure 5.2, one can see that the incorporation of the
delayed MW data into the filter even with model B significantly improves the
molecular weight predictions. It is also seen that when the modeling error is
large, more frequent measurements of the molecular weight are required. Fig-
ures 5.9 and 5.10 show the open loop response of the reactor when the reactor
residence time is reduced by 75% by increasing the input feed rate. It is seen
that the reactor exhibits oscillatory dynamics with a period of oscillation of
about 5 hours. With the molecular weight measurements made every 30 min,
the filter yields very accurate predictions of molecular weight and initiator

concentrations even when the less accurate model B is used for filtering.
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Figure 5.9 Estimator performance with model A and 30 minute delayed

MW measurements during oscillatory open loop transients to

step change in 8 (-75%).

314



estimator (model B)
o delayed MW measurements

0-4 ¢ 1 1.1 l I ) I VO & I ) SR} LIJ S0 NN SN I ¥ \

L I 1 Nl L
0 10 20
t (hr)

Figure 5.10 Estimator performance with model B and 30 minute delayed

MW measurements during oscillatory open loop transients to

step change in 6 (-75%).



Table 5.4 Parameters of each PI controller

Control variable T Tp X
Manipulated variable uy (Tey) ug (I5) ug (Ay)
Constraints 303 <u; <423 [ 00<uy <0.1 |0<u; <10
Servo control:
K. 0.5 0.2 mol/l -0.002 mol/1
TI 1.25 hr 1.25 hr 0.2 hr
Regulatory control:
K. 1.2 0.5 mol/1 -0.002 mol/1
TI 2.0 hr 5.0 hr 0.2 hr

5.5. On-line Control of Polymer Molecular Weight

One of the main purposes of using the EKF is to estimate and control
the polymer molecular weight on-line with delayed molecular weight measure-
ments. The filter provides molecular weight estimates between the samples

and these estimates are used to manipulate the feed rate or concentration of

a chain transfer agent.

5.5.1. Regulatory Control

As shown in Figure 5.1, the reactor temperature is controlled by manip-

ulating the inlet coolant temperature, the monomer conversion by the total
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feed initiator concentration (Iy), and X, by the chain transfer agent concen-
tration in the feed stream. It is assumed that flow control valves are perfectly
manipulated to regulate the concentrations of various reactants, solvent and
initiator. Single loop PI controllers are used and they are tuned manually
through numerical model simulations. Optimal control parameter tuning has
not been attempted, however. Table 5.4 lists the controller parameters used
in the simulations and the range of manipulative variables.

One of the major sources of process disturbance is the feed initiator com-
position (y.4r) which is, in general, very difficult to monitor on-line. Figure
5.11 shows the closed loop responses of the reactor and the filter to a step
change in the feed initiator composition (yas). At t = 4 hr, a 50/50 mixture
of benzoyl peroxide and tert-butyl perbenzoate initiators has been changed to
0/100. This change in the initiator feed composition is not input to the filter.
First note that the control of monomer conversion and temperature is very
satisfactory. With 30 min delay of molecular weight measurement (e.g., with
on-line GPC), the molecular weight control is also satisfactory. Figure 5.11f
shows the performance of the molecular weight controller in the absence of
molecular weight measurements for 8 hours (e.g., no MW analysis done by a
night shift). During this 8 hr blackout period, the estimated molecular weight
is lower than the actual value (dotted line); however. as soon as off-line mea-
surements are resumed, the filter starts to provide very accurate estimates of

the molecular weight and therefore the MW control becomes very
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satisfactory again. It should be recalled that the system is not completely
observable with only two on-line measurements of monomer conversion and
temperature. When model A, which is more accurate than model B, is used,
the overall trends are very similar with a slightly better MW control perfor-
mance.

In general, the initiator concentration in the reactor is very low and much
more difficult to measure than other variables. Figure 5.11d and 5.11e show
the actual (dashed lines) and estimated (solid lines) initiator concentration
profiles. Since the change in the feed initiator composition has not been input
to the filter, estimates of the initiator concentrations are very poor. If this
change is not detected by the reactor operator, a problem may occur when
it is desired to adjust the feed initiator composition in order to change the
product grade later on. The effect of unmeasured disturbance was studied by
Hamilton et al. (1973) for an evaporator. Their simulation results show similar
filter behavior to that observed in this work. In order to improve the filter
performance, they used large r/q ratio (r = measurement noise covariance, q
= process noise covariance). However, in this case, the use of large r/q ratio
did not improve the predictions of the initiator concentrations.

In practice, process models and actual plant data can be utilized to de-
tect the source of disturbances in some cases. For example, in the example
illustrated in Figure 5.11, the feedback controllers worked almost perfectly

to maintain the target values of monomer conversion, temperature and X,
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in the presence of the disturbance in y4y. However, one can easily observe
that the values of the manipulated variables (e.g., Iy, Tcy, A (concentration
of chain transfer agent)) have been changed after the disturbance has been
regulated by the controllers. With such an observation and the process model
available, one can reexamine the characteristics of the new steady state. Fig-
ure 5.12 illustrates the steady state profiles of reactor variables as a function
of yay. The solid lines and the dotted lines represent the steady states before
and after introduction of the disturbance in y 4y, respectively. In calculating
the new steady state profiles, new values of manipulated variables have been
used. First note that the three controlled variables (z,, T, X ) did not change
even after y4s has been changed from 0.5 to 1.0. However, one can imme-
diately observe that both I4 and Ip (initiator concentrations) have changed
significantly. This indicates that the regulatory control actions were taken to
compensate for the change in the initiator concentrations. Then, the reac-

tor operator can have the initiator feedstock checked and make appropriate

corrections.
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Figure 5.12 Steady state profiles of a function of initiator feed composition

with model B before and after control action: SS 1 (before
disturbance); Iy = 0.025 mol/l, T,y = 363°K, A = 0.5 mol/l,
SS 2 (after disturbance); Iy = 0.061 mol/l, T,y = 363.06°K,
A = 0.6 mol/l.
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5.5.2. Effect of Measurement delays

Even with on-line GPC, there will be some time delays (15~30 min) in
the molecular weight measurement. Thus, in what follows, the effect of time
delays on the filter pefformance will be examined with inaccurate process
models. Figure 5.13 shows the results of molecular weight control responding
to a step decrease in the reactor residence time by 50% for three different
time delays when model A is used. Here, the estimated X ,, values were used
for control. Note that as 7 increases the deviation of X, from the target
value becomes larger and the response is more oscillatory because larger 7
causes larger control action in w3 (chain transfer agent concentration in the
feed). With less accurate model B, Figure 5.14 illustrates that the molecular
weight control is less satisfactory than with model A even with short delays.
The simulation results shown in Figures 5.13 and 5.14 suggest that when the
process model is less accurate, more frequent measurements are necessary,
which is intuitively obvious. [Note: In the simulations shown in Figures 5.13
and 5.14, the same controller parameters as shown in Table 5.4 have been

used. |
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Figure 5.13 Effect of MW measurement delay on control and estimation of
molecular weight with model A during closed loop transients
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5.5.3. Servo Control

Quite often, it is desired to produce polymers of different grade or prop-
erties with an existing reactor system. To do so, some reactor operating
conditions may have to be changed in such a way that new target properties
can be attained in minimum transition time. One of the key polymer property
parameters which affect the end use properties such as melt flow index is the
weight average molecular weight or X, (weight average degree of polymeriza-
tion). Since the X,, is controlled by feed chain transfer agent concentration,
it is first necessary to see if a new molecular weight is obtainable by changing
the chain transfer feed concentration only. Let us suppose that current steady
state value of X, is 600 and it is desired to increase the X, value to 1,500.
It is also assumed that current monomer conversion and reactor temperature
should be maintained. Figure 5.15 shows the X,, and X, profiles when the
supply of chain transfer agent is completely discontinued. Note that the new
steady state X,, value is only about 1,300 which is 13% less than the target
value. Moreover, the transition time is about 10 hours. Obviously, this is not
desirable.

The simulation result shown in Figure 5.15 suggests that in order to
increase the X, to 1,500, it will be necessary to change the set points of other
reactor variables (e.g., temperature and monomer conversion) simultaneously.

This is because the X, is also a function of monomer concentration, initiator
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concentration and reactor temperature. Since the process models (A and B)
are available, one can determine the new set points of reactor temperature
and monomer conversion using the steady state diagrams as shown in Figure
5.16 where steady state profiles of monomer conversion, temperature and X,
are plotted against the feed initiator concentration for 8 = 4hr. In these dia-
grams, the current operating condition is marked as (A). Note that in order
to produce polymers of ':X—'w = 1,500 (marked as (B)), it is required to change
not only the temperature and monomer conversion set points but also the
feed initiator concentration. Obviously, there could be a different set of new
steady state reaction conditions which may give the same new X, value. For
example, one can fix the feed initiator concentration and change the reactor
residence time. Figure 5.16 shows that although the new reactor temperature
is only slightly lower than the current value, both the new monomer conversion
and the feed initiator concentration should be much lower than the current
values. Figure 5.17a and 5.17b show the performance of the X, control using
delayed measurement data of molecular weight (r = 60 min) incorporated
into the state estimator for model A and B, respectively. In both cases, the
target molecular weight is obtained. Moreover, the transition period between

the current and new steady states is only about 4 hours which is considerably

less than 10 hours as shown in Figure 5.17. Figure 5.17¢ shows the X, con-
trol performance without MW estimator. Here, the delayed measurements of

polymer molecular weight are used with a PI controller (The same controller
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parameters as used in Figure 5.17a and 5.17b were used). Note that the target
molecular weight is not attained at all due to integral windup. It should be
noted, however, that one can improve the control performance by retuning
the controllers on-line. The results shown in Figure 5.17 clearly illustrate the
advantage of using an on-line state estimator for servo control in reducing
the transition time and obtaining the desired new target values of polymer

properties.

5.6. Conclusions

A two time scale extended Kalman filter has been used for the estimation
and control of a continuous styrene polymerization reactor. It is shown that
even in the presence of some modeling errors, one can obtain quite accurate
state estimates when delayed measurement data are incorporated into the fil-
ter. This is seen as a main advantage of using the extended Kalman filter with
approximate process models. When the model error is large, more frequent
MW measurements are required. It has also been illustrated that the polymer
grade change can be attained effectively by using the filter in conjunction with

the steady state process model.
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Notation

concentration of chain transfer agent (u3) (mol/l)

effective heat transfer area (cm?)

heat capacity of reaction mixture (cal/g°K)

heat capacity of coolant (cal/g°K)

efficiency of initiator 7, i = A, B (-)

solvent volume fraction (-)

gel effect correlation factor, k;/k} (-)

overall heat transfer coefficient (cal/cm?sec®K)

heat of polymerization (cal/mol)

feed concentration of initiator mixture (ug) (mol/1)
concentration of initiator 7 in the reactor, : = A, B (mol/l)
decomposition rate constant of initiator ¢, ¢ = A, B (sec™!)

rate constant of thermal initiation ((1/mol)?/sec)

initiation rate constant (1/mol.sec)

rate constant of chain transfer to chain transfer agent (1/mol.sec)
rate constant of chain transfer to monomer (1/mol.sec)
propagation rate constant (1/mol.sec)

termination rate constant (1/mol.sec)

termination rate constant at zero monomer conversion (1/mol.sec)

monomer concentration in the reactor (mol/l)
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Mg feed concentration of monomer (mol/l)

P concentration of live polymers (mol/1)

q flow rate of reactant mixture (1/sec)

ge flow rate of coolant (1/sec)

9z, standard deviation of model error of z;, 1 =1,2,3,4,5,6 (-)
Tz, standard deviation of measurement error of x;, 1 =1,4,5,6 (-)
T reactor temperature (°K)

T, coolant temperature in the coolant jacket (°K)

Tes feed temperature of coolant (uy) (°K)

Ty feed temperature of reactant mixture (°K)

t time (sec)

V reactor volume (em?)

V. volume of coolant jacket (cm?)

X, number average chain length (-)

X weight average chain length (-)

Tp polymer weight fraction(-)

YAf initiator feed composition of I4 (-)

Greek Letters

@ probability of propagation of a chain radical (-)
0 mean reactor residence time (hr)

6. mean residence time of the coolant jacket (hr)
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g

<

x

)

kth moment of dead polymer (-)

reference value of kth moment (-)

ratio of heat capacity of reaction mixture to that of coolant (-)
density of reaction mixture (g/cm?)

density of coolant (g/cm?)

time delay of off-line measurement (min)

Vectors and Matrices

system state model

system measurement model
system state vector

initial state vector
estimated state vector by the state estimator
system control vector
measurement error vector
model error vector
measurement vector
jacobian matrix of f
jacobian matrix of h
Kalman gain matrix
observability matrix

estimation error covariance matrix
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P, initial estimation error covariance matrix
Q model error covariance matrix

R measurement error covariance matrix
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Chapter 6

On-line Estimation and Control of

Batch Polymerization Reactors

6.1. Introduction

In the previous chapter, the feasibility of feedback control of polymer

molecular weight in a continuous styrene polymerization reactor has been

investigated by using a two-time scale extended Kalman filter. During the
steady state reactor operations, the feedback control with the filter showed a
good regulatory control performance even in the presence of moderate model
errors and unknown disturbances. When the desired polymer molecular weight
is changed from one value to another, the corresponding new steady state

reactor operating condition can be chosen by using the steady state model.
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The next step is to determine how the reactor is driven from one steady
state to another steady state economically and safely. This control problem is
similar to the control problem in batch or semibatch polymerization reactors.
i.e., to design optimal controls to achieve desired product specifications in
minimum reaction time. Since on-line measurements of polymer properties
are also difficult in batch processes, batch polymerization reactors are usually
controlled by controlling the reactor temperature profiles which would give
desired final polymer properties. Quite often, these temperature profiles are
determined empirically or by using process models, if availlable. When the
reactor control policy is determined using the process model, there is always
a possibility that the model has some uncertainties and that unknown process
disturbances can cause the deviations in the resulting polymer properties from

their target values.

Moreover, when a large polymerization reactor is used. the effect of cool-
ing jacket dynamics on the reactor dynamics can be significant [Wu (1985)].
For example, as the holding time of the cooling jacket increases. the reactor
temperature response becomes sluggish, which may result in thermal runaway.
As discussed in Chapter 4. the heat transfer coefficient of the reactor can also
decrease during the course of polymerization. Therefore. on-line state estima-
tion technique can also be useful in batch processes with time varying heat
transfer coefficient to improve the MW control.

In this chapter, the performance of the two-time scale extended Kalman
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filter is evaluated for the estimation of polymer molecular weight parameters in
a batch polymerization reactor. The polymerization system considered here
is methyl methacrylate (MMA) solution polymerization initiated by azobi-
sisobutyronitrile (AIBN). The effect of cooling jacket dynamics on the reactor
control will also be investigated. In particular, the prediction of the reactor

heat transfer coefficient will be attempted using the filter.

6.2. Reactor Model

A kinetic scheme for MMA solution polymerization with AIBN and ethyl
acetate as a solvent i1s shown in Table 6.1. In this kinetic scheme. primary rad-
ical termination is assumed negligible. No induced decomposition occurs with
AIBN initiator. Chain termination occurs primarily by the disproportionation
mechanism. The MMA polymerization is known to exhibit much stronger gel
effect than styrene polymerization. In this study. the gel effect correlation
proposed by Ross and Laurence (1976) for bulk MMA polymerization is used

and modified for solution polymerization:

g¢ = 0.10575exp(17.15V; — 0.01715(T — 273.2)]

for V; > 0.1856 — 2.965 x 10T —273.2)  (6.1la)

2.3 x 10~ exp[7517]

for Vy > 0.1856 — 2.965 x 10~ *(T ~ 273.2)
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Table 6.1 Kinetic scheme of MMA polymerization

Initiation by initiators:

Propagation:
P+ M b Pt
Chain transfer to monomer and solvent:
Pot M =0, 4 Py
Pt S — My 4 P

Termination (disproportionation only ):

k¢
P, + P, —— M, + M,

(n21)
(n2>1)
(n21)

(n,m >1)

gp = 1.0

= 7.1 x 107 exp[171.5317]

for 17 > 0.05

for V; > 0.05

(6.1b)

where g, is the gel effect coefficient for chain termination reactions (k;/k;) and

gp is the gel effect coefficient for chain propagation reactions (k,/k;). Here

the free volume, V7 is defined by

Vi=0.025+ am(T — Tym)om + ap(T — Typ)op + ao(T — Tys)ds (6.1¢)
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am = 0.001 ap = 0.00048 as = 0.0001

Tym = 167°K Ty = 387°K  Tym = 181°K

The subscripts m. p and s represent monomer, polymer and solvent, respec-
tively. «, denotes the thermal expansion coefficient and Ty; the glass transi-
tion temperature of component j. ¢; is the volume fraction of each component

and expressed by

‘ Mow, \ 1—-X;
Om =

1000p,, / 1 + X,
b = Mown, X (6.1d)
P 1000p, / 1 + €X; '

¢s:1“(¢m+¢p)

where M, is the initial monomer concentration and X; the monomer conver-
sion, respectively. wy, is the molecular weight of monomer and p; the density
of component j. Due to a large density difference between the polymer and
the monomer, a volume contraction factor, e, is used to account for the density

variation of the reaction mixture:

o Wi (1 = f)(1/pp —1/pm)
w (1 — fs)/Pnl + w;fg/f?s

where f, is the mole fraction of solvent.
Then. the mass and energy balance equations for a batch polymerization

reactor with a cooling jacket take the following form:
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L4 vy = —r,MmP. M(0) = M, (6.3)
Vodt
L d vy = —kat I(0) =1, (6.4)
Vdt' - s
LMY=~k SP S(0)=S, (6.5)
T dr = Thmo L =20 16
.dT .
POV o = V(=AH )k MP — U AT ~ T.),
70)=1T, (6.6)
dT,
chVpc.L PcCpcqc(ch - Tc)+ UCAC(T - Tc)w

dt
TC(O) - Tco (67)

where M. I, S denote the concentrations of monomer. initiator and solvent.
respectively. The subscript ¢ denotes the coolant. Physical properties of
the polymerizing mixture and the coolant are assumed constant. The total
concentration of live polymers, P, is derived by applving the quasi-steady

state approximation to live radical species:

9L 1/2
P= <“ﬂ“d1> (6.8)

Since the concentration of live polymers is negligibly small. the average
molecular weights of the polymer can be calculated from the moments of dead

polymers only. The three leading moment equations for dead polvmers are

di(m )= (1 - a)k,MP (6.9)

<4l,_.
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1

d

Z (V) = (2= a)k, MP (6.10)
1d . 4 — 3a + a?
T#(/\QL ) = (——T—T> I\‘,I,J\[P (6.11)

2(0) =0 forj=0,1,2

where the probability of propagation, «, is defined by

k, M
o= £ (6.12)
kpM + kg M + kS + k(P

The above reactor modeling equations (6.3)~(6.12) can be reduced to a

following dimensionless form by using the dimensionless variables and param-

eters given in Table 6.2:

d(l?]

dt
dl‘g

dt

d.ﬁ[g

dt

dl‘4

dt
dZL’5

dt

d.’L’@

dt

= —Da(1+ exy )i 22 (g,/91/%) ekp(—%), 21(0) =1 (6.13)
Ty
= —Damz(xzexp(—ﬁ) Daexllr, gp/gl/2 e\p(—l),
T4 Tyq

22(0) =1 (6.14)

= —Daea;l$;/2$3(gp/g3/2)exp(——xl>, x3(0) =1 (6.15)
‘4

= BDaz12y (g5 /90" )exp(= L) = O(es = 8), 24(0) =1 (6.16)
4

= [to(1 — a) — exs]Dazyz3/* (g, /91"

(=L

Jexp(=--).
25(0) =0 (6.17)
=[u1(2-a )—6:1*6]Da$11‘2 gp/gt/ Jexp (— ;),

4

26(0) =0 (6.18)
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Dimensionless parameters and variables.

Table 6.2
M I S T
=57 =7 = = 4
! J\'IO’ 2 Io 3 So o To
Ty = ,

5 /\0’,-’ 6 )\1‘7‘7 )\2 -

T. ch qcto
0=, 4= t=t'/t, 8.="

T, T / T

kao (~AH)M,
D = tOZ7 = s ,
a G 7 3 oC T,
_ pC,V o t U A, _E By
¢ PcC"chrc ’ pCva,’ » R RTO 5 “d RTO B

:M :EP_EfS , __Ep*(Ed‘*‘Et)/?

™= "R, © TR = 7 RT,
k fmo o 2k, ¥ [ /2
= L_, o, = ky 1050’ o = (2fkaoks,1,) ,
ko kyo Mo k3o M,
M,

fOI‘ :0*1~2, -
J i )‘jr

where

<2fkdofo>1/2

[ %
l"to

E=E,+(Es— E)/2

Z=1,

349



dz+ 4 — 30+ a? 1/2 1/2 Y
dt = [#2 (‘—T_a—’) ‘6157} DG$1$2/ (gp/gt/ )eXP(—a)a

z7(0) =0 (6.19)

%‘ti = 8.(6; — 6) + €.0(as - 6), 5(0) = 6, (6.20)

where

1/2 -1
a= [1 + gTiexp (7—”5> + GsT3 exp(E-) + ——“(gtm) exp(lt—)} (6.21)
gp T4 gpT1 T4 gpT1 T4

The kinetic and physical constants used in the simulations are given in Table
6.3.

The above model has been tested on the experimental data reported by
Balke and Hamielec (1973), as shown in Figure 6.1. For the range of reaction
temperature and initiator concentration, the model shows a very good agree-
ment with the experimental data. Thus, this model will be used as a plant

simulator in the following sections.
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Table 4.3 Numerical values of kinetic of physical constants for MMA poly-

merization

kg=1.0 x 10%%exp(-30,700/RT), sec™! *
fa=0.44*

kx=6.6 x 10°exp(-4,700/RT), 1/mol.sec *

k¥=8.0 x 10%exp(-2.313/RT), 1/mol.sec *

kys=1.2362 x 10%exp(-8,990/RT), 1/mol.sec

kfm=1.9344 x 10 exp(-20,262/RT'), 1/mol.sec {

pm = 0.9654 — 0.00109T(C) — 9.7 x 10-7T*(C). gfem® 1
Pp = 0.754—9x1(§)T4(T(C)-70)7 g/cm® §
ps = 0.925 — 1.239 x 107°T(C). g/em® i

wm = 100.12, g/mol, w, = 88.1, g/mol.

AH,=-14.97 kcal/mol }
pCp=0.4 keal/I°IX {
pcCpe=1.0 keal /I°IX t

Ao.r = 1.86 x 1072 Ay = 2.56 Aoy = 7,420

* Ross and Laurence (1983)
T Brandrup and Immergut (1989)
T Schmidt et al. (1984).
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Figure 6.1 Isothermal bulk polymerization of MMA: data from Balke
and Hamielec (1973).
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6.3. Estimation of Polymer Molecular Weights

The two-time scale state estimation algorithm has been described in §5.4
and will be used here for batch processes. In order to investigate the effect of
modeling errors, numerical values of some kinetic parameters in the reactor
model are changed from the true values as follows: the rate constant of chain
transfer to monomer (k. ) is reduced by 10 %; densities of monomer, solvent
and polymer are assumed constant; the gel effect for the propagation rate
constant (g,) is assumed negligible.

The original reactor model is used to simulate the plant and the modified
model with inaccurate kinetic parameters is used filtering. It is assumed that
the monomer conversion (X, ), the reactor temperature (T'), and the coolant
inlet and outlet temperatures (T;f, T,) are monitored on-line. It is desired
that the average polymer chain lengths (X,, X,) are measured by GPC
with 30~60 minute time delay. All these measurements are assumed to be
corrupted by white noise. From the measured monomer conversion and the
initial monomer concentration, the relative concentration of monomer (z7)
and the first moment of dead polymer (z¢), which is the total concentration

of the polymer, are directly estimated:

S M- X 6:
‘ /\lr )\lr -

B 3

N
(8]

The zeroth and the second moments of the polymer can be calculated by using
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the measured molecular weights and the polymer concentrations:

26 Ma  My(1- X))
o —Yn A0,7‘ -YnAO,r ( a)

My XuMy(1—X)
>‘2,r ~ )\2,r

7 = X »T¢

(6.23b)

Thus, there are 5 state variables to estimate and they are: concentrations of
monomer (x1), initiator (z3), reactor temperature (x4), the zeroth moment
(z5) and the second moment (z7). Note that the concentration of solvent
is excluded from the estimation algorithm because its consumption by chain
transfer reaction is very small and negligible.

The two measurement equations, ¥, , and yq,_,, without and with de-

layed MW measurements are expressed as follows:

_ (Y _  TLk 5,
yo,k - (y‘_)‘k) - (-’134,};) + 'Uo,k (6_,4)

Y1.k—r 1 k-1
Y2, k—r T4 k—r1 P
Ydooo r = = + Vg, _. (6.25)
k Y3 k—r T5 k—r *
Y4 .k~ T7 k—r

The measurement error covariance for each case is a diagonal matrix:

; 2.2 :
Rovk = dlag{7 1‘177.E4 (6-26)
_— : 2 .2 2 .2 = L
Rdwk—-r _dlag{r11771‘47r15171‘7 (6.2()

where 7, is the standard deviation of the measurement error for z;.
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Without any MW measurements, the observability matrix L, is expressed

as follows:

1

0
0
0
0

0
0

fi
iz

fis
0
0

fs1
f32
f33

0
0

f
12

fs
0
0

fa1

J32

Jas
0
0

"
11

1
12

"
13

0
0

"
31

"
32

"
33

0
0

(6.28)

where { fi;} are the elements of the Jacobian matrix (F) of the process model,

{fi;} the elements of F? and {f/;} the elements of F®. The rank of the

observability matrix is 3 and thus the system is not observable. When the MW

measurements (delayed) are provided, the observability matrix Ly becomes

L=

oo o O
)

= o o O

<

o O o O

—

fll
iz
fis

fs1
f32
f33

fa1
fa2
fas
Jaa

0

f51
f52
3

s

i

fl2

Hs
0
0

fa

3o

fs3
0
0

441

J42
Yt
!

/44

0

fa
J52
33
0
s

(6.29)

where fy4, fs55, f1, and fi. are non-zero elements. The rank of this matrix is

5 and thus the system is observable.

Figure 6.2 shows the performance of the filter with the inaccurate model

during the course of MMA solution polymerization in a pilot scale batch re-

actor without any controllers. The measurement errors have been generated
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Figure 6.2 Estimation of open loop MMA polymerization in a pilot scale
batch reactor: f, = 0.5, I, = 0.02 mol/l, T, = 30 °C, Ty =
60 °C.



Table 6.4 Design specifications of MMA batch reactors

Pilot scale Industrial scale
V() 1 19,000
A, (cm?) 485 591,000
A./V (em?/D) 485 31
h. (keal/cm?s°KX) 1.086 x 10~° 0.6788 x 10~°
6. (min) 0.5 2

by a pseudo-random number generator and added to the & values to produce
the measured variables (y). The perturbation is assumed to fall within the
prespecified standard deviation of each measurement, i¢.e., £0.02 for monomer
conversion, £0.5 °C for reactor temperature and 5 % for X, and X,. Sam-
pling time for the on-line measurements of monomer conversion and tempera-
ture is 1 min. The numerical values of the reactor design specification and the
initial filter parameters are given in Table 6.4 and 6.5, respectively. Note that
the design specification of the pilot plant is for the bench scale pilot reactor in
our research laboratory. This reactor is designed to have highly efficient heat
removal capacities so that the isothermal operation can be possible even with-
out temperature controllers. As shown in Figures 6.2a and 6.2b, the monomer
conversion (X ), reactor temperature (T') and the initiator conversion (.XX3)
converges to true value after 150 min. As shown in Figure 6.2b, the reactor

temperature is very cloge to the coolant inlet temperature because the heat
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Table 6.5 Numerical values of initial parameters of the filter

Model error covariance, Q:
g1 =1 x 1072 ggp =1 X 1071 gzs =1X 1073
gas =1x1071 g5 =1x 1071
Measurements error covariance, R:
ri1=4.0x107* 1y =225%x107°
r33 = 2.5 x 107° 1y =25%x107°
Esstimation error covariance, P:
p11 =1X 1072 P2 = 1 X 1072 p3g =1 X 1072
pia=1x10"2 pss =1x1072
Initial estimation, &,:
T1,0 = 0.9521(0) 29, =0.9722(0) 24, = 0.0524(0)

525’0 = :U5(O) IIA?7,O = 095.2‘7(0)

removal capacity of the pilot scale reactor is very large and the jacket holding
time is very small. The heat transfer coefficient was also predicted using the
energy balance equation of the jacket (6.20) and temperatures of the reactor

and the jacket inlet and outlet:

o- 1 [dé

(i =0t el - 6)] (6.30)

© 1s the dimensionless heat transfer coefficient, €. the heat capacity ratio
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of reaction mixture to coolant, 6. the dimensionless jacket holding time, ¢
the dimensionless jacket temperature and ¢; the dimensionless jacket inlet
temperature. All these parameters are defined in Table 6.2. The gradient
of coolant temperature in the jacket (%—f—) is approximated by using Taylor
series expansion. The heat transfer coeflicient prediction shown in Figure
6.2¢ is noisy because jacket wall temperature gradient is quite small and the
difference between the inlet and outlet jacket temperature is also small. To
improve the prediction of the heat transfer coefficient. the coolant flow rate
should be kept low to ensure large temperature differences between the jacket
inlet and outlet. Of course, it should not jeopardize the cooling efficiency.
When the delayed MW measurements are not available, the filter predicts

the polymer molecular weights (X ,, X, ) with large errors because of model
errors and no corrective actions (Figure 6.3a). With delaved MW measure-
ments, the MW estimation of the filter improves dramatically (Figures 6.3b
and 6.3c). When MW measurements are provided with 30 minute delay, the
filter converges after about 150 min. As the measurement time delay increases,
the MW estimation converges slowly. Since the polvmer properties in a batch
reactor are affected by the reaction history. accurate MW estimation and fast
convergence of the estimation are required for a feedback control. The sim-
ulation results shown in Figures 6.2 and 6.3 indicate that the filter provides

an adequate MW prediction; however, if the total batch time is much shorter

than 400 min, faster filter convergence will be required. When model errors
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Figure 6.3 Effect of delayed measurements on MW estimation during

open loop MMA polymerization in a pilot scale batch reactor:

fe=0.5, I, = 0.02 mol/1, T, = 30 °C, Ty = 60 °C.
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are significant, the process model used in the estimation algorithm violates its
assumption of unbiased white noise. Addition of the following biased distur-

bance term into the model can improve the estimation algorithm:

= flz(t), u(t)] + d(t) + w(t) (6.31)

In Chapter 4, it was shown that the heat transfer coefficient decreases
due to the increasing viscosity of the polymerization medium as the monomer
conversion and the polymer molecular weight increase. In order to simulate
such a case, the heat transfer coefficient is assumed to change as a function of

the monomer conversion:

he = heo(l —0.7X1) (6.32)

As shown in Figure 6.4, a pilot scale batch reactor is little affected by the
decreasing heat transfer coefficient because the heat removal capacity still re-
mains very large (7.e., large heat transfer surface area and short holding time
of the jacket). It must be pointed out that the estimation of monomer conver-
sion and reactor temperature is not affected by a small variation in the heat
transfer coefficient because they are measured on-line. However, such a vari-
ation in h. slightly deteriorates the quality estimations of initiator conversion
and molecular weight with delayed MW measurements (Figure 6.5). When

the MW measurements are provided with 30 minute delay, the estimation
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of X, converges rapidly.

As shown in Table 6.4, when a batch polymerization reactor is scaled
up to an industrial scale, the surface area per unit volume of the reactor
decreases significantly. Figure 6.6 illustrates MMA solution polymerization
in an industrial size batch reactor without temperature control. Since the
reaction heat is not removed efficiently, runaway takes place after 90 min.
When the coolant temperature is manipulated by a PI controller, the reactor
temperature can be maintained at its set point after some oscillations (Figure
6.7b). Here the control parameters were tuned manually through numerical
model simulations but extensive controller tuning was not attempted to obtain
the best possible control performance. The filter in this case shows a similar
performance to that in a pilot scale batch reactor, as shown in Figures 6.7
and 6.8. It is seen that the resulting number average chain length of the
polymer (X ) is much lower than that in the pilot scale batch reactor because
of temperature oscillations. As a result, higher polydispersity (X, /X,) is
obtained. When the heat transfer coeflicient of the industrial size reactor is
decreased, the closed loop temperature response becomes sluggish as shown in
Figure 6.9. However, the estimation performance of the filter is little affected
by h, variation (Figures 6.9 and 6.10). When the jacket holding time (8.)
of the reactor is doubled (Figure 6.11), thermal runaway occurs 50 min even
with a temperature controller. These figures indicate that the heat removal

capacity of a large scale reactor is a very important factor in designing the
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reactor control policy.

6.4. Conclusions

Performance of the two-time scale extended Kalman filter has been tested
through numerical simulations in pilot scale and plant scale batch methyl
methacrylate polymerization reactors. It is observed that with the incorpora-
tion of delayed measurements of the polymer molecular weight into the filter,
satisfactory estimates of reaction variables are obtained even in the presence
of unknown disturbances. However. the filter algorithm must be improved for

faster convergence if it is incorporated into a feedback control system.
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6.5.

fs
gp

gt

Notation

effective heat transfer area (cm?)

heat capacity of coolant (cal/g°K)

dimensionless reaction time (-)

efficiency of initiator (-)

solvent mole fraction (-)

gel effect correlation factor, ky/k; (-)

gel effect correlation factor, ky/k] (-)

overall heat transfer coefficient (cal/cm?sec°KK)

heat of polymerization (cal/mol)

inital concentration of initiator (mol/l)

decomposition rate constant of initiator (sec™!)

initiation rate constant (1/mol.sec)

rate constant of chain transfer to monomer (1/mol.sec)

rate constant of chain transfer to solvent (1/mol.sec)

propagation rate constant (1/mol.sec)

propagation rate constant at zero monomer conversion (1/mol.sec)
termination rate constant (1/mol.sec)

termination rate constant at zero monomer conversion (1/mol.sec)
monomer concentration in the reactor (mol/l)

initial concentration of monomer (mol/1)
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concentration of live polymers (mol/1)

flow rate of coolant (1/sec)

standard deviation of model error of z;,71=1,2,3.4.5 (-)
standard deviation of measurement error of r,, 1 =1.4,5.6 (-)
reactor temperature (°K)

coolant temperature in the coolant jacket (°I\)
feed temperature of coolant (uy) (°K)

initial temperature of reactant mixture (°I\)
glass transition temperature, for k = m,p, s (°K)
time (sec)

dimensionless time. t' /¢, (-)

reaction time (sec)

reactor volume (cm?)

volume of coolant jacket (ecm?)

free volume

number average chain length (-)

weight average chain length (-)

monomer conversion(-)

nitiator conversion(-)

dimesionless concentation of 7, 7 =1,2,3 (-)
dimensionless reactor temperature (-)

dimensionless kth moment of dead polymers, &£ =0,1,2 (-)
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Wm

Ak

)\kr

pe

Pj

f
h

T

molecular weight of monomer (g/mol)

Greek Letters

probability of propagation of a chain radical (-)
coefficients of expansion in the free volume expression for j, 7 = m,p, s
dimensionless coolant temperature in the jacket (-)
dimensionless feed temperature of the coolant (-)
initial temperature of the coolant, T, /T5 (-)

volume contraction factor (-)

heat capacity ratio of reaction mixture to coolant (-)
dimensionless heat transfer coefficient of the reactor (-)
dimensionless holding time of the jacket (-)

kth moment of dead polymer, £k =0,1,2 (-)

reference value of kth moment, £ = 0,1,2 (-)

density of reaction mixture (g/cm?)

density of coolant (g/cm?)

density of component j, j = m,p,s (g/cm?)

time delay of off-line measurement (min)

Vectors and Matrices

system state model
system measurement model

system state vector
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&>

g

L~

~ &M

initial state vector

estimated state vector by the state estimator

system control vector
measurement error vector
model error vector
measurement vector
jacobian matrix of f
jacobian matrix of h
Kalman gain matrix

observability matrix

estimation error covariance matrix

initial estimation error covariance matrix

model error covariance matrix

measurement error covariance matrix
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Chapter 7

Summary and Recommendations

Summary of the thesis A precise control of polymer properties is one
of the most important process objectives in operating modern industrial poly-
merization processes. However, on-line property control is often quite difficult
due to the lack of adequate on-line sensors and a poor understanding of process
dynamics. This thesis discusses nonlinear steady state and dynamic behavior
of continuous polymerization reactors and proposes a computational method
for the estimation and control of polymer properties by using a process model

and an on-line state estimator.

The first part of this work (Chapter 2, 3 and 4) is devoted to the modeling
and analysis of continuous free radical polymerization reactors. Stvrene solu-
tion polymerization process has been selected as a model system and various

initiator systems (e.g., a binary mixture of monofunctional initiators and bi-

376



functional initiators) have been considered. A new kinetic model is presented
for the styrene polymerization with unsymmetrical bifunctional initiators. The
continuous polymerization reactors modeled are a single CSTR and a cascade
of two CSTR’s. With the aid of a bifurcation analysis package AUTO, the
regions of reactor operating conditions that give rise to steady state multiplic-
ity, isolas, multiple Hopf bifurcation points, and bifurcations to periodic orbits
such as period doubling, period-doubling cascades and homoclinics have been
identified and confirmed through numerical model simulations. It was shown
that the presence of more than one monofunctional initiator or dual initiator
functionalities makes the macroscopic reactor dynamics much more compli-
cated than with a single monofunctional initiator system that was studied by
many researchersin the past. The reactor analysis has also been extended from
ideal CSTR’s to more realistic industrial reactor systems where the wall heat
transfer coefficient is no longer constant and reactive impurities are present.
Surprisingly, the steady state reactor behavior with viscosity dependent heat
transfer coefficient was found to be simpler than that with constant heat trans-
fer coeflicient. When the reactive impurities such as inhibitors are present in
the feed stream, the reactor dynamics may change significantly, depending on
the type of inhibitors and their concentrations.

The second part of this work (Chapter 5 and 6) is concerned with the

on-line estimation and control of polymer molecular weight properties in con-

tinuous and batch polymerization reactors. A two-time scale filter has been



developed in order to incorporate delayed MW measurement data into the
extended Kalman filter. In particular, the effects of model errors and mea-
surement delay time on the filter performance have been investigated through
numerical simulations. It was shown that in the presence of some model er-
rors and unknown disturbances, the filter showed a robust performance in
predicting the polymer molecular weight properties when frequent MW mea-
surements are provided. It was illustrated that the polymer grade change
policy can be obtained effectively by using the steady state process model and

filter in continuous polymerization processes.

The filter was also tested in batch polymerization reactors for the solution
polymerization of methyl methacrylate. The overall filter performance for the
batch process was quite similar to that of continuous polymerization process;
however, the model simulations indicate that the filter convergence can be
slow if model errors are large or measurement time delays are large. Unlike in
continuous processes, batch processes are operated in finite reaction time and
therefore more frequent MW measurements than in continuous processes are

required to ensure fast filter convergence.

Future work for reactor modeling and analysis Reactor dynamice were
studied to investigate the effect of reactor input conditions on the output
variables of the reactor. Due to the nonlinearity of the system, the output

variables can have more than one set of steady state operating conditions for
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a given set of feed conditions, leading to output multiplicity. It is also possible
that more than one set of feed conditions can lead to the same set of output
variables. in particular, polymer property parameters (i.e., input multiplicity).
The possibility of the input multiplicity in continuous polymerization reactors
has been illustrated in this thesis; however, a full investigation of this subject
has not been performed. The analysis of input multiplicity would be of interest
in designing the reactor operating conditions and controls for efficient product

grade changes.

Future work for on-line estimation and control Although the two-time
scale extended Kalman filter developed in this work has shown a good on-line
estimation performance, the algorithm needs to be improved in order to be
incorporated into feedback control systems. In particular, it will be desirable
to improve the estimation algorithm so that the filter converges fast and is
less sensitive to model errors. More importantly, experimental testing of the
filter on real polymerization reactor systems should be carried out in order
to assess the filter performance in realistic environments and to identify some
problems that could have been overlooked in the theoretical simulation work

as presented in this thesis.
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Appendix A: Moment Equations of Polymer

Chains with Mixed Initiators

A.1. Dead polymers in the first reactor:

(A.1)

drg¢ 4 o1
= = =0 0P kg (T)Mida + Sko(Th, X1.4)Pi]
d\d 6P . .
d;l ==, + T ;‘ (kpm (TMi (281 — &%) + k(T1, X1 1) P1] (A.2)
4 1
d\d, 4 6P, 3 0A2 | s
(]2‘ = —-/\271 + m[}\fm(Tl )_7\'11((1’1 - 30’1 + 4&’1)

+ k(Ty, X1 1)Pi(ar +2)]

A.2. Dead polymers in the second reactor:

d/\g,Z d d N 1 -
= = Mo = A F VP [k (Te) My + Skl Ty, X120 ) P)
d/\(li 9 I/epg ~ ~
dt’ = )\(11’1 - )\‘112 + (1—_—d~2—)[l€fm(T2 ).AIQ(:ZO'Q — 0/%)
+ ki(T, X1 2)P]
d\d V8 P:
d‘?? =L, M, o az)z [k (T2) Mo (G5 — 345 + 4a2)

+ k(T2, Xy 2)Pa(Gr + 2)]

A.3. Live polymers in the ith reactor: (i = 1,2)

(A.4)



where,

(14 a;)

A= P,
21— ay)?
oo
M=) nfM,
n=2
)\i.’i = Z n* P i,
n=1
. kp(T3)M;

T k(T M, + by (TO)M; + k(T X140 P,
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Appendix B: Moments of Live Polymers with

Unsymmetrical Bifunctional Initiator

B.1. Primary radical concentrations:

fA]“'dBI
= _JANdpS B.1
Ba= o o (51
kadAI
R = —2— B.2
B ey + kM (5.2)
fr
L : k BS
R 2kiM(MARA+ ip BB) (B.3)

-+ kdB(S +V+ W4+ 2‘/,) + kd,\ R+ 'ZdeRB} (B.4)

B.2. Concentrations of primary live polymers:

_ 2.1.7511”.7\13 + E;RM + de Uy + ]{CIB 1
* (kp + k)M + E(P+Q+ S5 +2T)
kimM(P+Q+S+2T +2T))

1

B.5
ki RaM
= B.6
O = T o Tl M+ (P T 0+ 5+ 37) (8.6)
)y
kag + (kp + kgm)M + k(P + Q+ S +2T)
2k R'M + k k
T = T haaG t Ray 5 (B.8)

[(kp + kpm)M + k(P +Q+ S +27T)]
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B.3. Zeroth moments of live polymers:

keP? + k(Q + S)P — [(frkay + kmM)Q + (frRbag + kfmM)S

+ 4k MT + A,] =0 (B.9)
th2+[de + kM4 k(P + 5)]Q - B, =0 (B.10)
keS? + [kag + kfmM +1(P+Q))S = Co =0 (B.11)

1
BI? 4 k(P + Q+ )+ by MIT — =(ka, Q + kap S+ D,) = 0 (B.12)

where,
Ao =2kqy M? + kg U + ka, V
+ frl(kag +kay )] +kay (U +W +2U")
+hag(V+W 4+ 2V') + kg, Ra + kay R) (B.13)
B, = kiRaM +2kg U + kg, W (B.14)
Co = kiRpM + kg, W + 2kg, V' (B.15)
D, =2k;R'M (B.16)

B.4. First moments of live polymer:

Apy = 2(A‘fm]\’f -+ ktp))\T,l + A4
’ EimM + k(P +Q+S)
. 2k QA1 + By
 kay kM + (P +Q+S)
2k SAT1 + Cy
 kay + kM +E(P+Q+S)
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where,

B.5.

D,

jp— B.20
1= 5p, ( )
Ay = deM]\fg + E;RM + k‘dA)\U,l + kagAva + kp]\fp
+ kpmM(P +Q+ S5 +27) (B.21)
By = kiRAM + 2kq, Avra + kag Awa + kpMQ (B.22)
Cy = kiRpM + kq, Aw, + 2kggAvia + kp]WS (B.23)
ka, B
Dy, =2k;R'M =
a s h M+ k(P Q+5)
kap &1 + 2k, MT (B.24)

_+_
kap +kgmM + k(P +Q+5)
Dy, = kM +k(P+Q+S5)—

_ kdBktS
kay + kimM +k(P+Q+S5)

ka, ke Q
ko, + kM +E(P+Q+5)

Second moments of live polymers:

2kfmM + ke P)Ar2 + Az ,
A = . B.2¢
P2 = M + k(P +Q+ 5) (5.20)
_ 2k:QA12 + Bo
ka, + kpmM + k(P +Q+5)

2k SA72 + Co

A = B.28

5.2 kay +kfm]\l+kt(P+Q+S) ( )
D,

Ao = A B.29

2= 55, ( )

Ay = 2kq, M® + k;RM + kg, Augp + kag Ave + kpM(2Ap1 + P)

+kmM(P+Q+ S +2T) + 4k ApaAra (B.30)
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By = L, RAM + deAAU/’Q + kdﬂ)\[’V’Q -+ kp]\ff(g)\Q,l + Q)
+ kAo A (B.31)

Cy = k;RpM + de)\VV’Q + deB)‘V'ﬂ + kp]\'f(?)\s,l + 5)

+ 4k As 1 AT (B.32)
ka, By
Dy, = 2kR'M A
24 e T kM + (P4 Q1 5)
n kapCo
Fig + kpmM + k(P +Q 1 S)
+ 2kp M(2A7 1 + T) + 4k AT, (B.33)
de liTiQ

Doy =FkiM+E(P+Q+S)—

kdBlitS
kag +kme+kt(P+Q+S)

de +kfm-7\1+ IW(P'JFQ_*. S)

(B.34)
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Appendix C: Steady State Polymer Moments with

Symmetrical Bifunctional Initiator

C.1. Inactive Polymers

C.1.1. Zeroth moments:

A = %Okth

L _ 6kPQ
2.0 = 1 + 9]\7(12
. 2

Ao = 0k:Q

21 4+ 280kgs)

C.1.2. First moments:

A = 0k PApy

th(P)\Q,l -+ Q)\p’l )

A _—
#1 1 + kg
_ 0k QA
T 1 + ’26kd2

C.1.3. Second moment:

A =6k (PAps + 2% 1)

0ki(2Xpirga1 + Plga2 + QAp2)

A -
2.2 1+ 6kyy
o Oki(AS, + QAg,2)
T2 = 1+ 260ky,

387



C.2. Live Polymers

C.2.1.

C.2.2.

where

First moments:

(a1 +b12g.1)

Ap1 = —
€1
di
Agi = ——
Q.1 €1
kpMp(1— X1)S + Lka2dga
As1 = -

FP+Q)

Second moments:

(az +b2Aq.2)

Ap2 = —
c2
do
Aoo = ——
Q.2 e
N kpyMs(1—X1)(2As1 +5) + 2kt/\2511 + %kdz/\Q,z
S22 =

a1 = 2fika Ip(1 = Xo) + kpM(1 = X1)P + kao(Q + 2T + Z)

E(P + Q)

2%, Mp(1— X,)SP

P+Q
o _ kP | OkkaP
YT PLQ T 14 Gkyy
OkikqgrQ
— — k(P
= Thgh,, PO

di = QkadlIf(l — .YQ) + kplef(l - X; )Q

2k, M (1 — X1)SQ

P+Q

o= 28 (P4 Q)+

T P+Q

20kiky2Q

— kg2

(C.10)
(C.11)

(C.12)

(C.13)
(C.14)

(C.15)



az = 2frkadp(1 — X))+ kpMs(1 — X, )(2Ap1 + P)

+kg2(Q 42T + Z) + 4kt Ap1Asa

29’\7tkd2/\P,1/\Q,1

1+ 6kqo
2y My(1 — X1)P(2As1 + S) + 4k PAZ,
+ P+Q
kisP OkikgyP
=507 T+ bha
Cy = f}:k;zg - k(P +Q)

d_ = 2f2kd1[f(1 - AXQ) + kP]\lf(l - ‘Yl )(QAQ’I + Q)

20k ko N2
STtz + 4k Ag.1 As.1

14 260kqs
2hy Mp(1 = X1)(2Xs1 + 5)Q + 4k, QA%
+ P+ Q
20kika2Q ka2 @

€2

kag — k(P 4+ Q) +

=1+ 20k, P+Q
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Appendix D: Moment Equations of Polymer

Chains with Inhibitor

D.1. Dead polymers:

(D.3)

dX\¢ kgl

= P|aksmM LP 24
— [a fmM + SkeP + (R+P)( R+P)]
dX\d P . 2kq T

= fepm M + ky
= [T |6 bl AP 62— R+ P)(D
)¢ P
dtf =T a7 [a(aﬂ —3a+4) kM + (& + 2)k P

2%k, I

D.2. Live polymers:

Ap=P

A= P
l1-a
1+a)

A = Ig

2 (1-a)2

D.3. Inhibitor radical chains:

&
A = 750
»
Q R+A§I}
! R+P "
o _ R+,
2" Ryp"
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where,

A = Z n*M,,
n=2
M= Z n*p,,
n=1 A
X
A2 =" nkQn + Qo
n=1

kp M
kpM + kg M + 2k Iy + kP

&=
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Appendix E: Dimensionless Process Model and

Parameters

E.1. Dimensionless Model:

dl’l TpT4
—_— = —7 D 1 - Yiex P .
7 T + al( .731) 1exp[1 $4:| (E 1)
de’Q Yd
- _ <p | — — e 2
— x9 + Day(1 :rg)e\p[ ] +$4] (E.2)
drx
d_: = —r3 + Das(1 — x3)exp [—lld;J (E.3)
dx . pT
d_t4 = —x4 + fDay(1 - x1)§"1exp[1’7:_ ;J — Das(aq — xs) (E.4)
drs - Yfm
halal A D 1l =z )exp|—
7 x5 + aDagYi(1 ll)e\P{ 1+$4]
+ aDagaYrexp e
- 1 +JJ4
+ Dags Y Yaexp |- —2° E
031112€Xp 1+ 2, (£.5)
dzg (a® —3a? + 4a) . Yim
A T—ap Da21}1(1‘”$1)exp[_1+x4}
(a3 — 3a? + 4a) . Yfa
+ 1—ar DasaYyexp 142,
(24 a) . Vi
D ’ p|—
T D iteexe | m e (0
dzxq . (26{ —a2) . Tim
e —T7 + mDallyl(l — &1 )exp [_1 i 14}
(2a — a?) . Yfm
+ 1 a) DaysYiexp BT
Day3 Y1 Y, BL -
(1—a) P I D
dxg 0 ‘
—E: E((Sf—-:l‘,g)—l/D(L;(.T‘;—iUg) (E8)
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where

1 (P,\*
Y= — | — E.9)
' Pf (gt ) (
1 1
Yo = —(Prq:)? E.10
2 Pf( gt) ( )
Py = [aexp(—71) + bexp(—72) + cexp(—73)] (E.11)
P, =a(l —z;)%exp [—1 -ZIJCJ + b(1 — z2 )exp [— 7 ‘12-'174]
_ . E.12
+ ¢(1 xg)ekp[ 1+$4J ( )
11 exp | — T4 % N L
¢ Tamep) T AT TP T T
Ozt}fz Y6
. F.13
(1—$1)ek1)[ (1+1’4)} ( )
E.2. Dimensionless Parameters:
heA. (—A)M; T.;— Ty pC,V v,
v PTG T YT TG0 T
_ 5 _ Eux _Eyp _ _Em _ _En B
"= =g, " T RRr, ™" TR, VT RT, T RT; ' Ry
7= Bay — L« V2= de — Ve V3= Vdy — TVt V4 =7 '
1= —F%Hs 2 = Yd, — 7t 3 = — 7Vt 4 =V fm — %
RTf b f P

NS = Ve =Yy Ve =V — T G = Rmo o Red o Ry
PE W T A=V Am = m = TN, T Bl

Day = 6kpoexp(—vp)Ps Dag = 0kq,, Dag = 0kq,, Day = 6oy

. M s . 6k, P?
Da;; = W‘L"’ifw Daj; = w Days = ;0 L (fori=0,1,2)
0= deMoJ\/[; b: 'ZfAlchoIfyAf c= 2fBl\7dA0If(1_yAf)
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